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ABSTRACT



The design and scaie-up of packed columns have been traditionaily based on onedimensional models due to the lack of understanding of flow distributions in the packing. This often leads to unreliable design and limits the application of packed columns, particularly on large scales. The objective of this thesis is to develop theoretical models to predict flow distribution and separation efficiency of randomly packed columns, thus providing more rigorous design tools for such columns. To study the liquid distribution in a randomly packed column, a 0.6 m diarneter



air-water column has been constructed with a special liquid collector equipped at the bottom of the column. This liquid collector was installeci to serve three purposes, namely, ( 1 ) to measure the liquid radial distribution, (2) to support the packing, and (3) to



distribute the inlet gas flow. The effects of liquid distributor design, operating condition, packed bed height, and liquid physicai properties on liquid dismbution have been experimentally determined. Two different designs of liquid distributor were used: one was a standard commercial ladder-type distributor, another was a modification of the first one which only allowed the liquid to enter the central region of the column (covered 43% of the column cross sectional area). The liquid distributions were measured over a relatively wide range of operatùig conditions: the gas flow rate was varied from O to 3.0 kg/m2s with three different liquid flow rates: 2.91, 4.78 and 6.66 kg/m2s. The packed bed height



was varied from 0.9 m to 3.5 m to examine the flow distribution development dong the



bed height. Three different systems (water/air, aqueous detergent solution/air, and Isopar/air) were employed to study the effect of liquid properbes such as surface tension



and viscosity on liquid distribution. These systems were chosen since they had relatively 1arge d ifferences in surface tension and viscosity. The measured Iiquid distribution data



were used to validate the models developed in this studyThe predictive models for hydrodynamics and mass transfer in randomly packed colurnns have been established. These models were based on theoretical volumeaveraged Navier-Stokes equations and mass transfer equations. The complicated twophase flow behavior and mass transfer characteristics in randomly packed colurnns have been modeled in the following aspects: (a) flow resistance offered by the solid packing, (b) pressure drop of two-phase flow across the packed column, (c) liquid and gas



spreading (dispersion for volume fraction), (d) inter-phase mass transfer and effective mass transfer area, ( e ) mass dispersion in both radial and axial directions, (f) turbulent flow, and (g) void fraction variation in radial direction. The models were solved with the aid of the modern Computational Fluid Dynamics (CFD) package CFX4.2 developed by AEA technology pic. The predicted liquid flow distribution, pressure drop, concentration profile and separation efficiency (HETP) were compareci with experirnental data obtained in this study and FRi



(Fractionation Research, hc.) data at various conditions. in general the predictions agree well with the experimental data, indicating the suitability of the proposed models for the simulation of hydrodynarnics and mass transfer in randomly packed columns.
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Chapter 1 INTRODUCTION



1.1 Introduction



Packed columns have been widely used in separation processes such as distillation, absorption and liquid-liquid extraction due to their low pressure drops, high capacities and efficiencies. The main function of packing is to create interfacial area for



m a s transfer between vapor and liquid phases. Packing types can be divided into two categories: random and structureci. Structured packing is generally proprietary and is much more expensive than random packing of sirnilar geometric area (the surface area per unit volume). Their application also tends to be lirnited by the incomplete performance documentation (Bravo and Fair, 1982). Hence this study will be rnainly focused on random packing.



The separation efficiency of a packed column is normally expressed by Height Equivalent to a Theoretical Plate (HETP) (Treybai, 1987). it is therefore of great interest to the industrial designer to be able to predict the HETP accurately. However, there is a



Iarge scatter in the HETP values published in the literature. For example, for 25 mm packing a 2-3 fold variation in the HETP has been reported ftom diflerent researchers (Bolles and Fair, 1982; Hoek et ai., 1986; Kunesh et al., 1987; Kister, 1992; Shariat and Kunesh, 1995). The main reason for the large variations in HETP is generaily believed to be the non-uniformity of Iiquid distribution in packed wlumns. As much as a 50-75% decrease



in packing performance caused by a poor liquid distribution has been reported by Nutter et al. (1992). The non-unifonn liquid distribution is usually referred to as liquid maldistribution. Ideally, both the liquid and vapor phases should be uniformly disûiiuted in the packing for the maximum efficiency. Although the vapor distribution in the packing can generaily be regarded as more or less uniforrn (Kouri and Sohlo, 1987, 1996;



Stichlmair and Sternrner, 1987; Olujic and de Graauw 1989), the liquid distribution is usually far fiom uniforrn due to the radial variation of void fraction of packing and the poor initial distribution of liquid. in particular, the liquid maldistribution effect does not sca1e up properly and hence the data generated on a small diameter column are of questionable value in scaling up to large diameter columns.



1.2 Objective of Thesis



The objectives of this research are: (1) to obtain a better understanding of the two-phase flow hydrodynarnics and mass transfer in randomly packed columns, and (2) to develop CFD based models to predict liquid flow distribution and mass transfer



efficiency in randomly packed columns. To achieve these goals, both experimental and theoretical studies were camed out in this research. in the experimental part, the liquid distribution in a relatively large scale column (0.6 m in diameter) was studied. Many factors were thought to affect the flow distributions in a randomly packed column. These factors can be classified into two categories: (1) structural factors: including the size and type of packing, the design of the liquid distributor, and the packed bed height; (2) operationai factors: including the flow



rates of liquid and gas, and the physical properties of the liquid (viscosity, surface tension, and density). The experimental results not only can offer a better insight into the liquid distributions in randomly packed columns, but also can serve the purpose to validate Our models. In the simulation part, the voIume-averaged Navier-Stokes equations and mass tram fer equations were solved with the aid o f the modem Computational Fluid



Dynarnics (CFD) package CFX4.2 (AEA Technology plc, 1997).



1.3 Structure of Tbesis



The ultimate goal of this research is to establish the CFD based models to predict



mass transfer efficiency in randomly packed distillation columns. Mass transfer efficiency is f o n d to strongiy depend on the liquid flow distribution in the packing. Therefore, every aspect affecting the liquid flow distribution must be first fùlly studied and understood before we can move to modeling of the mass transfer process. The arrangement of this thesis follows this guideline. This thesis consists of seven chapters. In Chapter 2, the previously published work relevant to this study is reviewed and discussed. First we look at îhe previous experimental and mode1 studies on the flow distributions in randomly packed beds, then related mass transfer studies involving the effect of liquid maldistribution is discussed. The void fraction variation in randornly packed bed is a key factor that affects the flow patterns. Thus we also give a discussion of the measuring methods of the void fiaction variation in Chapter 2. Along with the discussion of the previous work, the îurther work that needs to be done in these areas is pointed out. in Chapter 3, the experimental set-up



and the procedures for measuring the liquid distribution in our laboratory are presented.



J3e effects of packed bed height, liquid distributor design, liquid and gas flow rate, and liquid physical property on liquid distribution have been investigated. The typical experimental results are also given in this chapter. Chapter 4 demonstrates how to model flow distributions in packed columns using the volume-averaged Navier-Stokes



equations. The necessary models to model the flow resistance offered by the solid packing, the interface drag force between gas phase and liquid phase, the liquid and gas spreading (volume fraction dispersion coefficients), and void hction variation are established. The comparkon of the simulation results based on our models and the experimental data is shown in Chapter 5. With the detailed knowledge of flow fields, the voIurne-averaged mass transfer equations to detennine the concentration fields for mass transfer processes are solved in Chapter 6. To validate the models, data obtained by Fractionation Research, inc. (FRI) on 15.9 mm, 25.4 mm, and 50.8 mm metal Pal1 rings in a packed distillation column of 1.22 m diameter are used. The models were also tested



against the data under two different operating pressures of 33.3 kPa and 165.5 kPa and a wide range of F-factors. The last chapter, Chapter 7, concludes the main points of this study and lists some recornmendations for further work.
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Chapter 2 LiTERATURE REVIEW



2.1 introduction The adverse effect of liquid maldistribution (non-unifonn liquid distribution) on the separation efficiency of packed columns has long been recognized and several



experimental and theoretical studies have been c&ed out on the subject. One of the sources of liquid maldistribution is the high liquid wall flow. The formation of liquid wall flow is mainly due to the higher void fiaction in the wall region. The orientation of



packing near the column wall is also important for the determination of wall flow especially for the old, non-flow-through packings. This chapter presents a survey of the previous studies on the liquid maldistribution and its effect on the rnass transfer efficiency. Owing to the importance of the void tiaction variation in determining the flow distribution in randornly packed columns, the related studies on this subject will aiso be discussed in this chapter.



2.2 Liquid Maldistribution in Randomly Packed Columns 2.2.1 Experimental Studies



Baker et al. (1935) were the f b t to undertake a comprehensive experimental study on the liquid flow distribution in randomly packed columns. They measwed the liquid distribution by collecting the liquid at the bottom of the column using a specially designed support plate which divided the çolumn cross section into four equal cross-



sectional area concentric rings, with each collecting section arnounting to 25% of the coIumn cross sectiond area. They examined the liquid distribution in packed columns of different diameters using broken Stones, spheres, saddles, etc. as packings. They found that the ratio of column diameter to the packing diameter (DJd,,) had a significant efTect on the liquid distribution in packed columns. The general trend was that the proportion of liquid accumulated on the column wall increased with the decrease of DJdp ratio. Serious liquid maidistribution resufted when this ratio was less than 8. Therefore, a well known rule of thumb for the design of packed columns has evolved, viz., the ratio of column diarneter to the packing diarneter should be greater than 8 to avoid the adverse effect of wall flow on the packhg separation efficiency (Wankat, 1988). They also found that the



initial liquid distribution was very important for the liquid distribution in the packings. in a 0.3 m diameter packed column, a packing height of at least 3 m was required for the



liquid to reach the fully developed flow pattern when the single-stream liquid was introduced into the center of the çolumn. Scott (1 935) studied the iiquid distribution in a column filled with 12.7 mm Lessing rings, 6.35 mm and 12:7 mm graded cokes, respectively. Al1 experiments were carrîed out with water introduced at the top of the column as a point source, and there was



no gas or air Stream passing up the column. By measuring the liquid flow rates at different locations over a horizontal plane at the bottom of the column, he dernonstrateci that the liquid showed a tendency to spread towards the column wall. He also found that the liquid wall flow increased with the increase of the packed bed height. He stated that



the reason for the liquid to accumulate at the column wall was due to the orientations of the packings in the near wall region. The packuigs near the wall were fomd to lie on the



wall surface rnainly in two directions, either with their axes being at right-angle to or in parallel with the wall surface, very few of the rings were in a position oblique to the wall surface. Porter et al. (1968) investigated the liquid spreading as it trickled down a randornly packed column. A ~ l e x i ~ l asquare s s ~ box wntaining the random packing was used in the experiments. Water was introduced into the column as a line source. There was no gas stream circulating through the column. Most of their experiments were carried



out with 12.7 mm cerarnic Raschig rings but some measurements were also made with 12.7 mm Intalox saddles, 15.9 mm metal Pal1 rings, and 25.4 mm Raschig rings. The



Iiquid distribution in the packing was obtained by measuring the rate of liquid flow from small sarnpling areas at the bottom of the column. They found that the liquid distribution in the packing was far tiom unifom. It was observed that the liquid rivulets were formed as the liquid flowed down the colurnn. These rivulets sometimes wuld



nui



into one



another and coalesce to f o m larger rivulets, and sometimes could break up into smaller rivulets. Berner and Zuiderweg (1978) measured the liquid spreading and flow patterns in a 0.2 m column as a fbnction of the wettability of the packing, packing size, bed height,



flow rate and liquid surface tension. Water or water-butanol mixtures were fed into the packed column as a point source in the absence of a gas stream. Their support plate was divided into 177 sampling sections to measure the liquid flow distribution at the bottom of the column. The radial spreading was found to be dependent only on the packhg size. Little or no effect could be found of liquid surface tension on the spreading. However,



this finding is contrary to the conclusions of Onda et ai. (1973) who found that liquid spreading increased with the increase of liquid surface tension. A more detailed study on the liquid distribution in the random packing was



published by Hoek et al. (1986). A ~ l e x i ~ l acolumn s s ~ ~ of 3.5 m diameter with various bed heights up to 2 m was employed in their experiments. The random packings used were glass Raschig rings, stainless steel Pal1 rings, as well as ceramic and polypropylene lntalox saddles. The superficial liquid velocities used were 5, 10 and 15 mm/s. There was



no gas Stream used. To study the flow distribution on the scale of packing elements, they divided their bottom support plate into 657 square (16x16 mm) liquid catching cells and 24 cells touching the column wall. The liquid flow rate fiom each ce11 was measured separately and thus the flow distribution açross the çolurnn cross section could be obtained. However, this fine degree of resdution was not suitable for the study of the overdl migration of liquid toward the column wall. In order to study the rate of the migration, they performed the radiai integration of the flows fiom the catching cells. They proposed that a distinction should be made between small scale maldistribution and large scale maldistribution. Small scale maldistribution refers to the liquid distribution on the scale of the packing elements and is mainly determinecl by the size and shape of the packings and the random structure of the packed bed. They showed that small scale maldistribution was not influenceci by the packed bed height and the initial liquid distribution and thus could be regarded as the inherent property of the packing (Hoek et al., 1986). This aspect of the flow distribution has aiso been found by Albright (1984) in



his simulation of liquid flow in a packed column. He refmed this feature as naturai flow distribution of packings. Albright (1984) concluded that every packing has a natural



liquid flow distribution. An initial distribution that is better than the natural one will degrade to it quickly. Conversely, a poor initial liquid distribution, caused by the i11design andlor malperformance of the liquid distributor, will ultimately improve to the



naturd flow pattern after a certain packed bed height, though sometimes at a very slow rate. The height required to attain the naturd flow pattern depends on the type and size of packings, the random structure of the packed beds, the design of the liquid distributor,



and the flow rates c f process fluids. The adverse effects of this smaI1 scale maldistribution on the separation efficiency, although unavoidable, are generally not very senous and sornetimes may be compensated by the radial mixings of fluids (Hoek et al., 1986). On the other hand, large scale liquid maldistribution required special attention



when designing large diarneter packed columns. Large scale maldistribution is usually caused by the heavy wall flow and the non-uniform initial liquid distribution at the top of the packed bed. The formation of the wall flow is due to the increased local void h c t i o n



in the near wall region. The poor initial liquid distribution is caused by the ill-designed or pooriy installed liquid distributors. The liquid maldistribution in the presence of gas flow has not been well studied. Kouri and Sohlo (1987, 1996) studied the liquid and gas flow distributions as a fûnchon



of packed bed heights, liquid and gas flow rates, and the initial inlet profiles of the liquid and gas in a 0.5 m diameter column. The random packings examined were ceramic



Intalox saddles and plastic Pa11 rings. The main emphasis of their work was on the interaction between the wuntercwrent gas and liquid phases. They observed that the liquid distribution over the bulk region of the packed bed becarne more uniform as the gas flow rate was increased provided that the initial gas distribution was uniform. They



also found that the developing length for the liquid to reach the tùlly developed flow pattern depended on the gas flow rate. When there was no gas circulating through the packed colurnn, the packed length of 2.0 m was required for the liquid to approach the fùlly developed state for the 25 mm Pal1 rings at the liquid flow rate of 2.5 kg/m2s, but this length was reduced to about 1 -0-1-5 m as the gas flow rate increased to 2.7 kg/m2s. This kind of effat of gas flow on the liquid distribution in packed columns was also obsmed by Dutkai and Ruckenstein (1970). In a study of liquid spreading in a packed



colurnn of 0.15 m diameter, they demonstrateci that the liquid spreading coefficient



increased with the gas loading up to 70% of flooding. As for the gas distribution in a packed column, it is generally believed that the gas



phase is always more or less unîfonn provided that the initial distributions of gas and liquid are even (Kouri and Sohlo, 1987, 1996; Stichlmair and Stemmer, 1987; Olujic and de Graauw 1989). According to these studies, the radial spreading of gas is a much faster



process as compareci with that of the liquid. Even a severely maldistributed inlet gas may become unifonri within a very short bed height. For example, to study the gas distribution in a packed coiumn of a diameter 0.5 m, Kouri and Sohlo (1996) introduced the gas only in the central part of the column, which occupied about 64% of the colurnn cross sectional area, they found that a bed height less than 0.5 m was sufficient to smooth out the non-uniform initial distribution of gas, and concluded that the uniform gas



distribution may be assmed throughout the column. As can be seen, the problem o f liquid maldistribution in packed columns has long



been recognized and has been a subject of extensive studies. However, most of the previous liquid distribution studies have been wTied out in small packed columns with



diameters usually less than 0.3 m without the presence of gas flow. ï h e packings examined were usualiy Raschig ~ g sBerl , saddles, etc. The use of these packings is v q



lirnited in industry. Nowadays more and more large diameter columns packed with modem, high efficiency packings such as Pal1 rings and Mini rings are built to improve the capacity and efficiency. The flow behavior in such columns needs to be m e r investigated because in practice two-phase flow (Iiquid and gas) rather than single liquid phase flow (no gas flow) is encountered. There is dso a great need to investigate the efTect of the gas loading on the liquid distribution and thereby to provide some guidelines for the industrial design of such columns.



2.2.2 Model Studies



Several models have been proposed to predict the liquid distribution in a packed colurnn. These include the random walk model (Scott, 1935; Tour and Leman, 1939), the di fision model (Cibla and Schmidt, 1957; Porter and Jones, 1963; Jarneson, 1966; Dutkai and Ruckenstein, 1968, 1970; Onda et ai., 1973; Bermer and Zuiderweg, 1978; Hoek et al., 1986), and Zondstage model (Zuiderweg et al., 1993). The Zonektage model calculating mass transfer based on the predicted liquid flow distribution by using diffusionmodeIzand will be discussed later in Section 2.3.



2.2.2.1 Random Walk Model



Scott (1935) and Tour and Leman (1939) proposed that the liquid spreading



through unconfinecl tower packing (no wall effect was evident) was of a random nature and that it followed the Gaussian probability distribution. These researches used the



following equation to describe the liquid distribution in a radially unconfined bed irrigated by a point source 1



'



f (z) = -exp(- r / 2s') &s



where f(') is the fraction of liquid flow per unit area at a distance z fiom the distributor,



and s is the standard deviation which depends on the packing particle size and the packed bed height, Accordhg to this modeI, when the liquid flows ont0 a piece of packing element in the column, it will divide and displace in horizontal directions. The chance of it flowing in each horizontal direction, Le. inward toward the center of the colurnn or outward toward outside is the same. This model was confirmeci experimentdly by Tour and Leman (1939). They showed that it could be used satisfactorily to predict the flow distribution when the feed Stream was initially introduced to the unconfined column through a point source at the column axis or line source at low or moderate liquid flow rates. However. it could not be used to calculate the local flow rates in a packed column with other arbitrary forms of initial distribution of the feed Stream, such as a uniforni inlet, which is of commercial importance. It also could not be used to predict the flow behavior in the wall regions due to its egud chance assumption (Jarneson, 1966). H o m e r (1964) argued that the results fiom the random walk model were of little practical importance due to the assumption of no wall influence.



2.2.2.2 Diffusion Mode1



Cihla and Schmidt (1957) introduced the radial diffision model, Equation (2-2), to calculate the movement of the liquid flow in a packed column



Nhere f is the local liquid flow rate per unit area, that is, the local superficial liquid



velocity as a fùnction of the cylindrical coordinates r, r, and 0. D is the liquid spreading coefficient, which must be determined fiom liquid distribution experïments. It should be noted that, the liquid spreading coefficient D has units of m instead of the traditional units



m%. This is due to the replacement of the customary time variable, r (s) by the height, z



(m) in the left hand side of Equation (2-2). When the liquid is introduced into a column with radial symmetry, the above equation can be reduced to



Now the local liquid velocity is only a function of spatial position r and z. In order to solve Equation (2-3), three boundary conditions are required, that is, (1) at z=0 (at the top of the packed bed), the inlet profile of liquid, f(r.0); (2) at r 0 (at the axis of the packed



af = O. These two bomdary conditions are easy to be established fkom the physical bed), &grounds, the third one, the wall boundary condition (at FR), however, is very difficult to deh e . Different researchers have tried different ways to establish this wall boundary condition.



Cihla and Schmidt ( 1957) treated the colurnn wall as a perfect liquid reflector, that is



This boundary condition, coupled with the 0 t h two boundary conditions, allows the diffusion equation to be solved, but it is physically incorrect. Equation (2-4) simply



means that any liquid which flows on to the column wall will be imrnediately retumed to the nearby packings in the column, and thus there will be no liquid accumulateci on the wall. However, as mentioned before, numerous experiments have demonstrateci that the liquid does build up at the colurnn wall. Porter and Jones ('1963) used the following wall bounâary condition to take account of the liquid wall flow f(R,z)==aw(z)



(2-5)



where f(R,z) is the density of wetang imrnediately near the column wall at the axial position z. w(z) is the total liquid flow rate on the wall at a axial position z, and a is an empirical constant. This wali boundary condition is more realistic than that of Cihla and Schmidt (Equation (2-4)) and allows a certain amount of liquid to build up on the wall.



However, the wall flow predicted by this condition is usually much larger than the experimental data (Dutkai and Ruckenstein, 1968; Stanek, 1994). Templeman and Porter ( 1965,1968) pointed out that this boundary condition was an over simplification.



Dutkai and Ruckenstein (1968, 1970) considered that the penetration of liquid into the wall region followed the adsorption-desorption mechanism with the adsorption rate being proportional to f(R,z) and desorption rate to w(z)



where k and & are the empirical constants. KoIar and Stanek (1965) proposed a wall boundary condition very similar to Equation (2-6) based on the idea similar to the wall treatment in convective heat transfer. Onda et al. (1973) argued that the driving force for the liquid to accumulate on the wall should be the difference between the equilibnum wall flow rate w*($ and the praaical



wall flow w(z)



where c is an empincal constant. This boundary condition gives results very close to those obtained based on the boundary condition of Equations (2-5) or (2-6) (Onda et al., 1973; Stanek, 1994).



in reality the factors affecting the liquid wall flow are very cornplex. These



include the type and size of packings, the ratio of column diarneter to particle diarneter (DJdp),the packed bed height, the gas and liquid flow rate, and the physical properties of the system. Al1 the above wall boundary conditions fail to take al1 the factors into



account. The difficulties in the formulation of a proper wall boundary condition make the application of the d i m i o n rnodel unreliable. Berner and Zuiderweg (1978) showed that the experirnental local flow rate deviated greatly fiom the flow rate predicted by the diffùsionmodel. With the advance of modem cornputers and computational fluid dynamics, it is now possible to use more rigorous models to capture the flow hydrodynamics in



randomly packed columns. We propose to use volume-averaged Navier-Stokes equations to mode1 the flow behaMor in randomly packed columns.



2 3 Effect o f Liquid Maldistribution on Mass Transfer Eniciency Mass transfer in packed columns has been studied extensively due to its importance in many industrial processes such as distillation, absorption, and stripping.



The mass transfer coefficients (individual and overaii) have been correlateci in terms of the gas and liquid loadings, and physical properties of the system being separated. The



eflect of the packing itself on the mass transfer has been included in t m s of its specific sudace area and nominal diameter. However, these studies are usually based on the



assumption that the flow distributions of both vapor and liquid phases are unifonn dong the column cross section.



Liquid maldisiribution in a packed column tends to reduce the rnass transfer efficiency. Manning and Cannon (1957) exarnined the effect of liquid maldistribution on the packing separation efficiency. For the calculation of the quantitative effect of a small



amount of liquid channeling in the packed column, they assumed that a small portion of the liquid which may flow though the column without takllig part in any m a s transfer



between the phases. They dernonstrateci that as little as 1% of liquid channeling may cause a 44% efficiency lose. They aiso pointed out that liquid maldistribution effect on



separation efficiency depended on the nurnber of theoretical plates and the relative volatility of the system being separated. Mullin (1957) also found that the liquid maldistribution has a detrimental effect on the packed column separation efficiency. To investigate this, he modeled the packed



column as two parallel columns and set different liquid flow rates in each of the columns but keeping the gas flow rate the same. These two columns were conceptually divided by an imaginary impermeable membrane, so no exchange of m a s occmed between the two



columns. Through a McCabe-Thiele plot, he demonstrateci that the slope of the operating line decreased due to the liquid maldistribution and therefore the operating line rnoved towards the quilibrium line. More stages were thus required for a given separation when compareci to the uniform flow distribution case. Huber and Hiltbrunner (1966) fùrther developed the concepts of Manning and Cannon (1 957) and Mullin (1957) by allowing cross mixing of liquid and vapor. The radial cross mixing is the resuit of the side-movement of liquid and vapor due to the deflection of packing elements. Liquid maldistribution in the packing will cause concentration gradients dong the column cross section, and the cross mixing will cancel out the difference in concentrations. Based on their studies, they concluded that in columns with a ratio of Dddp less than 10, the cross mixing is large enough to compensate for the maldistribution effect and only very serious liquid flow maldistribution would cause a significant separation efficiency loss. On the other hand, when this ratio is greater than 30, the lateral mixing may not be effective enough to offset the influence of the liquid maldistribution. Therefore in a large diameter packed colurnn, the liquid maldistribution problern is more serious than that in a srna11 diarneter column.



More recently, Zuiderweg et al. (1 993) proposai a Zondstage model to calculate the effect of the maldistribution on the efficiency of a packed column. in this model, the



packed column is divided radially into a number of concentric zones, with each zone being of the same width and height. The height of a zone is chosen to be equal to the



basic



HETP, which is a b c t i o n of the system properties and the packing and can be



deterrnined in a laboratory scale column. The width of each zone is arbitrarily set to be 2-3 times the packing diameter. The calculation is divided into two steps. The first step is



to calculate the liquid flow distributions based on the diffusion model and a uniform flow pattern is assumed for the vapor phase. The second step is the mass transfer calculation based on the equilibriurn stage concept. The m a s transfer calculation is iterative with end conditions based on the overall material balance being satisfied. With this model, they studied the effect of different kinds of initial liquid distributions on the separation



efficiency. The general conclusion derived fiom theu work is that the overall efficiency is very sensitive to the initial liquid distribution, especially in large diameter packed columns. Stichlmair and Stemmer (1987) took a different approach to model the mass



transfer process in a packed column in the presence of liquid maidistribution. In their experiments, îhey used hot water and air as the working system. The temperature profiles of the water at different packed bed height were measured. The behavior of temperature profiles should be similar to that of the concentration profiles in a real mass transfer system based on the analogy between heat and mass tramfer. The shape of the temperature profile indicates the degree of liquid maldistribution. For exarnple, if the temperature profiles are horizontal lines, this implies that there is no maldistribution present in the liquid and gas phases. Based on the temperature profiles, they calculated the number of transfer units by considering the packed çolumn as a large number of hypothetic parallel channels with different gas and liquid loads. in each channel, the plug flow patterns were assumed in both the liquid and gas phases. They concluded that liquid



maldistribution has a severe effect on separation efficiency. Up to 50% of the mass transfer efficiency may be lost due to liquid maldistribution even with good initial liquid



distribution. More thorough experimental studies on m a s transfer in a randornly packed colurnn in the presence of liquid maldistribution were carrieci out in the FRI (Silvey and Keller 1966; Kunesh, et al. 1987; Shariat and Kunesh, 1995). The test column was 1.22 m in diameter and 3.66 m in height. Four sizes of carbon steel Pal1 rings were ernployed: 15.9, 25.4, 50.8, and 88.9 mm. The test systems were cyclohexane/n-heptane (C&7)



at



33.3 and 165.5 kPa and isobutaneln-butane at 1138 kPa. Two designs for liquid



distributors were tested, a notched trough distributor which is a standard commercial distributor manufactureci by US Stoneware and a tubed drip pan (TDP) fabricated by FRI with approximately 104 drip tubes per meter square. They found that the TDP distributor gave a much better separation efficiency than the notched îrough disûibutor, indicating the strong influence of the liquid distributor design on the column performance. When installing the liquid distributor, one major concern is how much the effect will be if the liquid distributor is not level. F M studies showed that small arnounts of non-levelness of the TDP-type liquid distributor oniy had a minimal effect. There was no obvious decrease in colurnn efficiency if a liquid distributor uniformly tilted such that the ratio of highest to lowest flow rate was 25%. Similar results were obtained for the case of a distributor sagging (center to wall or vice versa) under load. This means that a certain amount of



unifonn liquid maldistribution resulting fiom the distributor will not cause a serious problem. However, if a discontinuity occurs (such as non-irrigation in the near wall region or the obstruction of some drip points), the consequence a u l d be severe. By



bianking a chordal segment of the liquid distributor containhg 1 1% of the pour points,



F M found that the packhg HETP increased at least 5096, or the separation efficiency reduced by about 33%. The mass transfer process strongly depends on the liquid flow distribution in packed columns. The correct prediction of concentration profiles depends on a detailed knowl edge of the liquid and vapor velocity profiles. Owing to the extremely complex nature of the two-phase flow in packed coIumns, a simple empirical equation cannot



provide a reiiable prediction. Kister (1992) wrote: "Adequate prediction of the effect of maldistribution on efficiency requires a procedure that knits a maldistribution model together with a stage calculation model. ..., For rigorous computations, a rigorous model for maldistribution must be interknitted with a



~ ~ O ~ Ostage U S



model. A proper model



would be extremely complex and appears to be many years down the road." It is one of the objectives of this study to find such rigorous models to predict mass transfer



efficiencies involving liquid maldistribution.



2.4 Void Fraction Variation in Randomly Packed Columns



Void h c t i o n



E,



is defined as the ratio of the void volume to the volume of the



packed bed. in the literature, it is also referred to as voidage or sometimes porosity. The void h c t i o n e, will show kind of distribution in the radial direction due to the effect of colurnn wall. Void fiaction variation is one of the most important characteristics of randomly packed columns, and many attempts have been made to measure and mode1 the radial void fraction variations in packed beds. Most of these measurements are based on



one of the following techniques: (1) water replacement, (2) a method based on fixing the bed with wax or resin. and (3) photometric method.



Water replacement is probably the simplest way to measure the void fraction in packed beds. From the amount of water needed to fil1 the voids in the packed bed, the void eaction c m be deterrnined. This method has been used by Dixon et al. (1984), Dixon (1988), and Foumeny and Roshani (1991). The main difficuities associated with the water replacement method include the elimination of air pockets and the



determination of the meniscus level. Failure in overwming these problems will result in errors in the determination of void fiaction.



The procedure to use a hot wax or resin to measure the void hction is somewhat more involved. Afier the bed is filled with packing, the hot wax or resin is i n t d u c e d into the bed tiom the bottom. The fùnction of wax or resin is to keep the packing eIernents in position. The flow rate of wax or resin must be kept low enough so that it does not disturb the packing and trap any air within it as it fills the voids in the bed. After the wax or resin solidifies, the bed is cut into annular rings and the volume of each small ring is



determined. The small rings are then heated and the wax is allowed to melt. A h separating the packing fiom the wax, the void volume is detemineci fiom the weight of wax and its density. The average void fraction for



that small ring can then be readily



deterrnined fiom the void volume and the total volume. Roblee et al. (1958) used this



technique to measure the radial void ûaction variation in a cardboard cylinder. The packings utilized were spheres, cylinders, Raschig rings, and Berl saddles. The same method was also used by Benenati and Brosilow (1962) to study the effect of DJdp (bed



diameter to packing particle diameter) on the radial void fiachon variation of lead shot in a cylindrical column.



The advantage of this method is that it allows an accurate determination of the radial void h c t i o n profiles. However, the obvious shorîcoming of this method is that the bed must be destroyed. The photometric method is based on the different absorptivity of the packing material and the matnx material to X-rays or Gamma-rays. This method has been used by Thadani and Peebles (1966), Schneider and Rippin (1988), and Toye, et al. (1998). The advantage of this method is that it is nondestructive and perrnits measurement at various points of the bed cross section. [t is also suitable for systems with complex geometry (such as beds with intemal cooling tubes, Schneider and Rippin (1988)). Furthermore it can be used to measure the void h c t i o n of commercially important packings such as



rnetal Pal1 rings. The typical void fiaction profiles for a bed of uniform spheres from the above



studies c m be described as follows. The void fiaction reaches its upper limiting value of I .O at the wall, falls to its minimum value at approximateIy 1 parking radius fiom the



wall, and then continues cycling through several maxima and minima before settling out at a constant value in the bulk of the bed. The wall effect extends into the bed about 5



packing diameters for a bed of unifom spheres. For other types of packings, such as Raschig rings and Berl saddles, the wall effect becornes negligible a f k one packing diarneter fiom the wallFor spheres, many theoretical studies have been carried out to mode1 the void fiaction variation in the radial position @avers et al., 1973; Vortmeyer and Schuster,



1983; Govindaro and Froment, 1986; Dixon, 1988; KuGier and Hofmann, 1990; Fourneny



and Roshani, 1991; Zou and Yu, 1996). Vortmeyer and Schuster (1983) used an exponentially decaying function to model the radial average void fraction variation



where



is the void fiaction in the bulk region of the bed. KIand & are model constants.



Norrnally K2 has a value of 2. At the column wall, FR, the void fiaction must have the value of 1 .O, so KI can be determined as



For the comrnercially important packings, such as Pal1 rings and Mini rings, there is cunently no correlation available in the literatwe.



2.5 Summary



The published studies on liquid maldistribution, mass transfer efficiency involving the effect of liquid maldistribution, and void fraçtion measurernents and predictions were reviewed and discussed. Liquid distribution was usually studied in small diarneter columns packed with old packings such as Raschig rings and Berl saddles without gas flow. Liquid distribution



was found to be non-uniform in randomly packed columns. The e f f e t of gas flow and liquid physical properties on liquid distribution was l e s studied.



The effect of liquid maldistribution on m a s transfer efficiency was found to be important. FR1 found that the packing HETP increased at least 50% if a chordal segment of the liquid distributor containing I 1% of the pour points was blanked.



The void h c t i o n in a packed column was shown to be higher in the wall region that that in the bulk region. The models for predicting void fraction radial variation were



developed for packed beds of spheres. For commercially important packings, such as Pal1 rings and Mini rings, there is currently no correlation available.



2.6 Nomenclature Empirical Constant in Equation (2-S), m" Empirical Constant in Equation (2-7), m-' Liquid Spreading Coefficient, m Packed Bed Diamete. m Size of Packing, m Liquid Superficial Velocity, m s-' Empirical Constant in Equation (2-6), m Empirical Constant in Equation (2-6). m" Empirical Constant in Equations (2-8). (2-9) Empirical Constant in Equation (2-8) Total Liquid Flow Rate o f the Point Source, m3s" Radial Cmrdinate, rn



Radius of the Packed Bed, m Axial Coordinate. m



Wall Flow Rate, m3s-'



Equilibrium Wall Flow Rate, m3s-'



Greek Symbols E,



Void Fraction



0



Angular Coordïnate



Subscript



b



Bulk Bed



2.7 References



Albright, M. A., (1 984) Packed Tower Distributon Tested. Hydrocarbon Processing Sept., 173-t 77.



Baker, T., Chilton, T. H. and Vernon, H. C., (1935) The Course of Liquor Flow in Packed Towers. Trans. AICIIE. 31,296-3 13. Beavers, G. S., Sparrow, E. M. and Rodenz, D. E., (1973) Influence of Bed S ù e on the



Flow Characteristics and Porosity of Randomly Packed Beds of Sphere. Trans. ASME. J. App. Mech. 40,655-660.



Berner, G. G. and Zuidenveg, F. J., (1978) Radial Liquid Spread and Maldistribution in Packed Columns Under Different Wetting Conditions. Chem. Eng. Sci 33. 16371643. Benenati, R. F. and Brosilow, C. B.. (1962) Void Fraction Distribution in Beds of Spheres. AICHE J. 8, 359-36 1. Cihla. Z. and Schmidt, O., (1957) A Study of the Flow of Liquid When Freely Tncking over the Packing in a Cylindrical Tower. COU.Czech. Chem. Commun.22,896-907.



Dixon, A. G., DiCostarno, M. A. and Soucy, B. A., (1984) Fluid-Phase Radial Transport



in Packed Beds o f Low Tube-to-Particle Diameter Ratio. Int. J. Heur Mass Transfer. 27, 1701-1713. Dixon, A. G., (1988) Correlations for Wall and Particle Shape Effects on Fixed Bed Bulk Voidage. Con. J. Chem. Eng. 66,705-708.



Dutkai, E. and Ruckenstein, E., (1968) Liquid Distribution in Packed Columns. Chem. Eng. Sci. 23, 1365-1373.



Dutkai, E. and Ruckenstein, E., (1970) New Experiments Concerning the Distribution of a Liquid in a Packed Column. Chem. Eng. Sci. 25,483-488. Foumeny, E. A. and Roshani, S., (1991) Mean Voidage of Packed Beds of Cylindncal Particles. Chem. Eng. Sci 46,2363-2363. Govindaro, V. M. H. and Froment, G. F., (1986) Voidage Profiles in Packed Bed of Sphere. Chem. Eng. Sci. 41, 533-539. Hoek, P. J., Wesselingh, J. A. and Zuiderweg, F. J., (1986) Small Scde and Large Scde



Liquid Maldistribution in Packed Colwnns. Chem. Eng. Res. Des. 64,43 1-449. Hoftyzer P. J., (1964) Liquid Distribution in a Column with Durnped Packing Tram. IChemE. 42, T 109-1 17.



Huber. M. and Hiltbninner, R. , ( 1966) Fullkorperrektifizierkolonnen mit Maldistribution. Chem. Eng. Sci 21,8 19-832. Jarneson, G. J., (1966) A Mode1 for Liquid Distribution in Packed Columns and TnckleBed Reactors. Tram Inst. Chem. Engrs. 44, 198-206. Kister, H. Z., (1992) Distiliation Design, McGraw-Hill, New York.



Kolar, V. and Stanek, V., (1965) Distribution of Liquid over Random Packing. Coli. Czech. Commun. 30, 10%- 1059. Kouri, R. J. and Sohlo, J., (1987) Liquid and Gas Flow Patterns in Random and Stnictured Packings. I. Chem. E. Svmp. Sa-.No. 104, B 193-B2 1 1. Kouri, R. J. and Sohlo, J., (1996) Liquid and Gas Flow Patterns in Random Packings. Chem. Eng. J. 6l,95- 105.



Kufner, K. and Hofmann, H., (1990) Implementation of Radiai Porosity and Velocity Distribution in a Reactor Mode1 for Heterogeneous Catalytic Gas Phase Reactions (TORUS-MODEL). Chem. Eng. Sci. 4 5 , 2 1 4 1 -2 146.



Kunesh, J. G.? Lahm, L. and Yanagi, T., (1987) Commercial Scale Experirnents That Provide Insight on Packed Tower Distributors. Ind. Eng. Chem. Res. 26, 1 845- 1 850.



Manning, R. E. and Cannon, M. R., (1957) Distillation Improvernent by Control of Phase Channeling in Packed CoIumns. I.zd.Eng. Chem. 49, 347-349.



MuIIin, J. W., (1957) The EfTëct of Maldistribution on the Performance o f Packed Columns. Indust. Chem. 33,408417Olujic, 2. and de Granuw, J., (1989) Appearance of Maidistribution in Distillation Columns Equipped with High Performance Packings. Chem. Biochem. Eng- 4, 1 8 1 -



Onda, K., Takeuchi, H., Maeda, Y. and Takeuchi, N., (1973) Liquid Distribution in a Packed Column. Chem. Eng. Sci 28, 1677- 1683. Porter, K. E. and Jones, M. C., (1963) A Theoretical Prediction of Liquid Distribution in a Packed Column with Wall Effect. Trans.Inst. Chem.Engrs. 41, 240-247. Porter, K. E., Barnett, V. D. and Templeman, J. J., (1968) Liquid Flow in Packed Columns. Part II: The Spread of Liquid over Random Packings, Trans. Inst. Chern. Engrs. 46,T74T85.



Porter, K. E. and Templeman, J. J., (1968) Liquid Flow in Packed Columns. Part III: Wall



Flow. Trans.Inst. Chem. Engrs. 46, T86-T94. Roblee, L. H. S., Baird, R. M. and Tierney, J. M., (1958) Radial Porosity Variations in Packed Beds. MChE J. 4,460-464.



Schneider, F. A. and Rippin, D. W. T., (1988) Determination of the Local Voidage Distribution in Random Packed Beds of Complex Geometry. Ind. Eng. Chern. Res.



Shariat, A. and Kunesh, J. G., (1 995) Packing Efficiency Testing on a Commercial Scale with Good (and Not So Good) Reflux Distribution. Ind. Eng. Chem. Res., 34,1273-



1279. Silvey, F. C. and Keller, G. J., (1966) Testing on a Commercial Scaie. Chem. Eng. Prog. 62, 68-74.



Scott, A. H., (1935) Liquid Distribution in Packed Towers. Trans. Inst. Chem. Engrs. 13, 21 1-217. Stanek, V., (1994) Fixed Bed Operations: Flow Distribution and Efficiency. Ellis



Horwood Ltd. Stichlrnair, J. and Stemrner, A., (1 987) Influence of Maldistribution on Mass Transfer in Packed Columns. I. Chem. E. Symp. Ser. No. 104, B213-B224. Templeman, J. J. and Porter, K. E., (1965) Experimental Determination of Wall Flow in Packed Colwnns Chem. Eng. Sci. 20, 1 139- 1 140.



Thadani, M. C. and Peebles, F. N., (1966) Variation of Local Void Fraction in Randornly Packed Bed of Equai Spheres. 1.E. C. Proc. Des. Dev.5,265-268, Toye, D., Marchot, P., Crine, M., Pelsser, A. -M. and L'Homme, G., (1998) Local



Measurement of Void Fraction and Liquid Holdup in Packed Columns Using X-ray Computed Tomography. Chem. Eng. and Process. 3 7 , s 1 1-520. Tour, R. S. and Lerman, F., (1939) Unconfined Distribution of Liquid in Tower Packing,



Trans. AICHE. 35,709-7 18.



Vortmeyer, D. and Schuster, J., (1 983) Evaluation of Steady Flow Profiles in Rectangular and Circular Packed Beds by a Variational Method. Chem. Emg .Sci.38, 169 1- 1699. Wankat, P. C. (1988) Equilibrium Staged Separations. Prentice-Hail Inc., Englewood Cliffs, New Jersey.



Zou, R. P. and Yu, A. B., (1996) Wall E f f e t on the Packing of Cylindrical Particles. Chern. Eng. Sci. 51, 1177-1 180.



Zuiderweg, F. J., Kunesh, J. G. and King, D. W., (1 993) A Modei for the Caiculation of the Effect of Maidistribution on the Efficiency of a Packed Column. Trans. IchemE. 71, Part A, 38-44.



Chapter 3



LIQUID DISTRIBUTION MEASUREMENTS



3.1 Introduction As discussed in Chapter 2, most of the previous studies on liquid distribution were carried out in small diameter columns packed with Raschig rings and Berl saddles without gas flow. There is a dearth of experimental data on liquid distribution in large scale columns filled with commercially important packings, such as Pal1 rings, Mini rings, etc., especially when the column operates with two-phase flow (both Iiquid and gas fiow are present). Furthemore, more data is required that shows the e f f m of liquid physical properties on the liquid distribution. This chapter describes the experimental set-up used in Our labofatory to measure the liquid distribution with or without the presence of gas flow. The experirnental results obtained will also be shown, discussed, and the important conclusions will be presented.



3.2 Experimental Set-Up The experimentai apparatus consisted of a cylindrical column, an air blower with variable speed DC motor, a liquid feed pump, a commercially designed liquid distributor,



a specially designed liquid collector (dso served as support plate and gas distributing device) and the necessary flow rate indicating and controlling meters. A schematic diagram of the experimental set-up is shown in Figure 3.1. Water was pumped to the



liquid distributor at the top of the column. It then flowed downward through the packing



and exited at the bottom of the column through the liquid distribution measuring device.



The liquid flow rate was measured and controlled by a calibrated rotameter. The gas (air) flow to the column was supplied by an air blower through the gas inlet pipe which was



normal to the column axis. Air was distn'buted across the bottom of the packed column via a number of gas rising tubes (chimneys) tixed to the inside of the liquid collector. The down-flow liquid and up-flow gas resulted in the comtercurrent operation of the colunin.



Each gas rising tube had a small cap fixed on the top that prevented liquid fiom entering it. The flow rate of air was measured by a hot-wire mernometer which was located on the gas idet pipe adjacent to the column.



The column itself consisted of a number of transparent PlexiglassTM cylindncal



sections. Each P1exiglassTMsection had a inside diameter of 0.6 m and a height of 1.5 m. The use of transparent PlexiglassTMsections allowed for visual observation of the flow behavior in the packed colwnn. The base of the column was made of stainless steel. A small window (0.2 m in diameter) was cut in the wall of this stainless steel section to facilitate removal of the col-



packing.



The column was dry-packed by hand to a desired depth with the 25.4 mm stainless steel Pall rings. Prior to use the new Pall Nigs were repeatedly washed with a detergent solution until ail traces of machine oii were removed. The packing was then thoroughly rinsed with water.



The liquid distributor was installed on the top of the packing and carefùlly leveled after installation.



The stainless steel Pall rings are the most cornmon random packings in use, hence were chosen for use in this study. The Pail ring was first developed by BASF (Badische Anilin und Soda-Fabrik in Ludwigshafen-am-Rhein, Gennany) (Eckert et al., 1958) by cutting windows in the wall of the Raschig ring and bmding the small arms inward while maintaining the height and diameter of the rings equal. Unlike the Raschig rings, the openings in the wail of the Pall rings allow the gas phase to pass through, thus reducing the flow resistance (pressure dmp) and increasing the operating capacity. Furthennore, the extra small m s or tongues within the rings can guide liquid to flow inside of the rings, thus enhancing liquid distribution (Kister, 1992). Pall rings also have higher



efficiency than Raschig rings (Kister, 1992). The Pal1 rings used in this study were provided by Koch-Glitsch, Inc., USA, and its main characteristics are listed in Table 3.1. The corresponding characteristics of Raschig rings are also included for cornparison



purpose.



3.3 Design of the Liquid Coilector



The liquid distribution was measured at the bottom of the column. As the liquid flowed out of the packing, it was separateci into severai radiaily defined regions by a specially designed liquid collector. This liquid collector served three purposes: to collect liquid, to support the packing, and to distribute the inlet gas flow. It consisted of a number of concentnc cylinders as shown in Figures 3.2 and 3.3. The width of each collecting region (except the central, near wail and wall regions) was 50 mm, or about 2 diameters of the 25.4 mm Pall ring. The diarneter of the centrai cylinder was 200 mm. in



this study, the whole column cross section was divided into six annular sampling regions, labeled as region 1, II, III, W , V, and Wall starting from the center region. The collecting area of each sarnpling region is s h o w in Table 3.2. Table 3.2 shows that each collecting region represented a different column cross sectional area, The wall region, or the outmost annula.ring, accounted for 3.12% of the total column cross sectional area. This means that the width of this region was only 4.7



mm. It is obvious that a different choice of wall region w-idth will give a different amount of Iiquid wail flow. There are a number of ways for selecting the wall region width. For example, Baker et al. (1935) divided the bottom of their column into four equal area concentric rings, that is, the wall region accounted for 25% of the total column cross section. In Kouri and Sohlo 's experiments (1987, 1996), the wail region was designed to occupy 1 1.64% of the column cross section. in both of these two cases, the wall region collected not only the wall liquid but also some liquid away from the wall. Porter and Templeman (1 965, 1968) utilized a liquid collecter in which the width of the wall region was only about 3 mm. This corresponded to about 4% of the çolumn cross section for a 0.3 m diameter column. The same wall region width was also used by



Dutkai and Ruckenstein (1970). With such a small width, the wall region received oniy a negligible amount of liquid fiom the bulk of the beà, thus giving a better representation of the liquid ninning down the column wall. There is yet another way to speciQ the width of



the wall region, that is, the width of one packing particle diameter has been used to define the wall region by Jarneson (1966) and Gunn (1978). It is possible that, for large packing particles, this width of wall region also collected a relatively large amount of liquid fiom



the bulk of the bed. To differentiate the wall liquid from the bulk liquid, a small wall region (4.7 mm in width) was used in this study. The liquid flowing into the liquid collector was removed through liquid drain tubes. For the collecting regiolis 1-V, the liquid drain tubes were placed immediately



under the liquid collector. For the wall region, the liquid was removed through the



column wall via two flexible rubber tubes. The diameter of each liquid drain tube and the number of fiquid drain tubes in each coilecting region are listed in Table 3.3 The uniform initial gas distribution over the bottom column cross section was



ensured by the appropriate arrangement of the gas rising tubes. For the ease of



construction, each gas rising tube was designeà with the same diameter (25.4 mm). Since the liquid collecting area was different fkom region to region, the number of gas rising



tubes within each collecting region was adjusted to ensure a uniform gas distribution. Assurning that the cross sectional area of the i" collecting region is Ai and the nurnber of the gas rising tubes in this region is ni, then kom the simple mass balance, we



can get nd=Aiv



(3- 1)



where q is the gas flow rate passing through each of the gas rising tubes and v is the average gas velocity over the ib liquid collecting region. To ensure the uniform gas distribution over the total column cross section, the above relationship should be satisfied for each region. It should be noted that area As includes the area of the wall region since there is no gas rising tubes in this region due to



its very small width. The number of the gas rising tubes can then be readily deterxnined according to Equation (3-1). The results are given in Table 3.3.



3.4 Procedure and Range of Studies



Each experiment comrnenced with the packing being loaded into the dry c o l m to a desired height. The liquid distributor was then installed on the top of the packing and



carefidly leveled. At the fixed packed bed height, water was first introduced into the column through the liquid distributor and its flow rate was set to a predetennined value. The air blower was then started to provide air to the column for the case of two-phase flow study. The air flow rate was adjusted to the desired value



by adjusting the speed of



the air blower. A check was regularly made on the gas and liquid flow rates to ensure that the conditions did not vary during the operation. About 20 minutes were needed for the liquid to reach a steady state in the column afier flow rates were set. It was found that the liquid flow rate through each liquid drain tube was almost independent of time after 20 minutes. To measure the flow distribution, the liquid flow rate through each of the liquid collecting regions was measwed and reçorded. This was done by weighting the amount of liquid collected within a certain period of tirne. Afier the liquid flow rate h m each collecting region was measured, the radial liquid flow pattern (distribution) was constructeci based on these measured local liquid flow rates. The effects of liquid distributor design, operating condition, packed bed height, and liquid physical properties on the liquid distribution were determined.



Liquid distributor. Two different liquid distributors were used in this study. The first of these is a standard commercial ladder-type distributor. It had six branches and 3 1 drip points as shown in Figure 3.4 (a). The Iiquid distributor is usually quantified in terms



of drip point density, defined as



Drip point densis, =



Number of drip points Cross sectional area of column



(3-2)



Based on the above definition, this distributor had a drip point density of 1 I O points per square meter. A distributor with this high drip point density is considered to distribute liquid unifonnly over the top of the packing (Olujic and de Graauw, 1989; Peny et al.,



1990; Klemas and Bonilla, 1995). Therefore, in the following discussion, we will refer to this distributor as a unifonn liquid distributor. The other liquid distributor was a



modification of the first one. We plugged the most outside 15 holes and lefl the inside 16 holes open (see Figure 3.4 (b)). In this way, this distributor could o d y supply liquid to the



central part of the column, which occupied about 43% of column cross sectionai area. The drip point density of this modified distributor was 57 points per square meter. In the later discussion, this distributor will be refmed to as a center inlet liquid distributor.



Operating conditions. Three liquid flow rates were used in this study, that is, 2.9 1, 4.78 and 6.66 kg/m2s. The gas Bow rates were varieci from O (single liquid phase flow) to 3.0 kg/m2s.



Packed bed height. The packed bed height was varied from 0.9 m to 3.5 m. in most of the test runs, three different packed bed heights were employed: 0.9 m, 1.8 m,



and 3.0 m. The position of liquid distributor was adjusted accordingly with variation of the packed bed height.



Liquid piiysictrlproperties. To study the effeçt of liquid physicai properties such as surface tension and viscosity on liquid distribution, three different systems were used in this study: watedair, aqueous detergent solutiodair, and Isopadair. These three systems



were chosen because they had relatively large differences in liquid viscosity and surface tension. The relevant physical properties of the three liquids are Iisted in Table 3.4.



3.5 Results and Discussion 3.5.1 Reiiability of the Experirnents The reliability of experirnental data was confirmed as follows:



Performance of Iiquid d-utor.



A quaiity liquid distributor should distn'bute



the liquid uniformly over the top of the packing. The quality of the unifonn liquid



distributor used in this study has been checked as follows: (1) the number of drip (distribution) points. The drip point density of approximately 65 to



100 is required for a liquid distributor to perform satisfactorily in large diameter columns (Olujic and de Graauw, 1989). (2) the difference between liquid flow rates î?om each drip point. Ideally, the flow rate



from each of the drip points should be equal.



The unifonn liquid distributor used in this study had 110 points/m'. Thus it met the first criterion. To test the second criterion, the liquid flow rate fkom each dnp point



was individually measured at different total liquid flow rates. Figure 3.5 shows that this liquid distributor provided almost uniform drip flow rates. The average standard deviation



is 1 . 5 7 6 ~ 1 0 - ~ .



Reproducr'biiiîy. Reproducibility tests were carried out for the watedair systern at a packed bed height of 0.9 m with both the unifonn liquid distributor and center inlet



liquid distributor. The liquid flow rate was selected to be 4.78 kg/m2s. The gas flow rate was varïed f o m O to 1.57 kg/m2s. Typical results are s h o w in Figures 3.6 to 3.9 with



error bars (the method of calculating uncertainties is given in Appendïx A). The data is plotted in t m s of the liquid relative velocity against the radial position. The liquid relative velocity (u,l) is defined as the ratio of the local liquid velocity (ur,) to the average liquid velocity (u,.) over the empty column cross section, that is



From the mesurernent of the local liquid flow rate for each collecting region, the local liquid velocity can thus be calculated as



whereji, is the local liquid flow rate in kg/s and A,,,



is the cross sectional area of each



collecting region. Figures 3.6 to 3.9 present two runs that were conducted on different days. As can be seen, the liquid profiles of the two



nuis



are very similar. The largest difference



between the two runs is 10.6%. This difference, in our opinion, is within acceptable error limits for these large scale experiments. Effect of redumping of the packing. It is o f interest to see how the liquid flow



distribution changes afier the packing is redumped. To Uivestigate this effect, the packing



was redumped four times at a fixed packed bed of 0-9 m. The corresponding liquid flow distribution for each dumping was measured. Figure 3.10 shows the variation of the liquid velocity profile. These liquid velocity profiles show that the largest deviation of the liquid relative velocity fiom the average value is 10.3%.



From the above discussion, we can conclude that the experimental apparatus can be used reiiably to measore the Iiquid distribution in a packed column.



3.5.2 Flooding Point and Loading Point



Flooding is the upper limit of the packed column operation. At the flooding point, the fiothy liquid fills up the voids within the packing elements. The gas phase c m only bubble up through the column, thus resdting a very high pressure drop. There are severai different indications that show flooding o c c ~ ing a packed column. The most obvious one of these is when the liquid can no Ionger drain freely through the column but is held back by the upward flow of gas. When flooding occurs, an appreciable amount of liquid droplet is entraineci by the gas and sprayed violently back to the top of the column. When plotted on a log-log plot against the gas veiocity at the fixed



liquid flow rate, the pressure drop shows a very steep rise (almost vertically) with a slight increase in the gas velocity. It is obvious that at the flooding point, the column can no Ionger perform satisfactonly as a liquid and gas contacting device. The loading point is defined as the gas flow rate at which the gas phase begins to interact with the liquid phase to generate a high pressure drop. The loading point is considered to occurs at about 70% of the flooduig point (Kister, 1992; Billet, 1995). To determine the flooding point and loading point for the experimental column, the pressure drops for both waterhir and Isoparlair systems were measured. Figure 3.1 1



shows a plot of the pressure drop for the water/air and the Isopadair systems. In the range of the liquid flow rates tiom 2.91 to 6.66 kg/m2s, the flooding point for the watedair



system occurs at G=2.9-3.3 kg/m2s, and the loading point occurs at G=2.0-2.3 k g / d s .



For the Isopadair system, the flooding point occurs at G=2.2-2.5 kg/m2s, and the loading point occurs at G=1.5-1.7 kg/m2s.



3.5.3 Effect of Liquid Distributor Design on Liquid Distribution The liquid distribution was measured for the two liquid distributors: uniform liquid distnbutor and center inlet liquid distributor. Figures 3.12 and 3.13 present the typical e f f e t of tiquid distnbutor design on liquid distribution. Figure 3.12 shows a



cornparison of the liquid velocity profiles obtained with these two liquid distributors at different packed bed height in the absence of gas flow. The working fluid was water, and its flow rate was kept constant at 4.78 kg/m2s. As can be seen fiom Figure 3.12, the resultant liquid velocity profiles are quite different. For the uniform liquid distributor, the liquid velocity profile is nearly flat in the bulk region of the packed bed throughout the whole bed height. At the bed height of 0.9 m, some liquid c m be seen to build up on the column wall, which will be refmed to as "liquid wall flow" in the later discussion. As the liquid flows d o m , more liquid moves towards the column wall, as can be see fiom the increase of liquid velocity in the wall region. As shown in Figure 3.1 2 near the top part of



the column, the build up of liquid wall flow is relatively fast, however, afier a bed height of 1.8 m from the top of the packing, the build up speed is significantly reduced. Cornparing the liquid velocity profiles at the bed height of 1.8 m and 3.0 m for the case of the uniform liquid distributor, the average difference between these two profiles is less than 10% for al1 the correspondhg points. This means that at the bed height of 1.8 m, the



liquid flow distribution is fùlly developed. This stable liquid flow pattern, which is an inherent characteristic of the packing, is also referred to as the liquid natufal flow



(Albright, 1984; Hoek et al., 1986). The formation of the liquid wall flow is one of the most important characteristics associated with al1 of randomly packed columns. in the wall region, the void fraction is higher than that in the bulk region. As a result, the flow resistance is lower in the wall region, thus causing more liquid to flow dong the wall region. For the case of center inlet liquid distributor, the liquid can only be introduced into the column through the central region, which is corresponding to the 43% of the total column cross sectional area. As can be seen f?om Figure 3.12, the liquid relative velocity in the central region is much p a t e r than the mean value based on the column cross section. At the bed height of 0.9 m, the relative liquid wall flow is still tess than the mean value. At the packed height of 1.8 m, the liquid flow distribution is still very different from that resulting fiom the unifoxm liquid distributor. In the center region, the liquid



velocity with the center inlet liquid distributor is about 70% higher than that with the unifom liquid distributor, and the comesponding liquid wall flow is about 50% lower. At the packed height of 3.0 m, the difference still exists but is smaller. For this case, the



liquid distribution is still far fiom a fùlly developed flow pattern even at a bed height of 3.0 m. As illustrated in Figure 3.12, the difference between the two liquid velocity



profiles obtained with the two different liquid distributors becomes smaller as the liquid flows downwards. In other words, the non-uniform liquid distribution over the top layer of the packing generated by the center inlet liquid distributor is smoothed out graduaily as the bed height is increased. This indicates that the packing has the ability to spread the



vertical liquid flow radially. The liquid tends to move fiom the hi& flow rate region to the low flow rate region due to the liquid radial spreading. Figure 3.13 illustrates the effect of liquid distributor design on the liquid wall flow development dong the packed bed height at different gas and liquid flow rates. It c m be seen that the liquid wall flow tends to increase with the bed height for both liquid



distributors. However, for the unifonn liquid distributor, the liquid wall flow approaches



its filly developed value after the bed height of 1.8 m for the case of two-phase flow. For the center inlet liquid distributor, the liquid wall flow continues to increase even at the bed height of 3.5 m, indicating that tùlly developed wall flow has not been reached. The effect of gas and liquid flow rates on the liquid flow distribution will be discussed in the following sections. The above experimental results would indicate that the design of the Iiquid distributor is crucial for the liquid distribution and proper operation of randomly packed colurnns (Peny,et al., 1990). Poor inlet liquid distribution, resulting fiom a poor liquid distributor design, will require additional bed height to reach a natural flow pattern. From



visual observations of the experimentai phenornena during the test runs, the liquid did not reach the column wail until 0.54.6 m from the top of the packing when the liquid was introduced in the central 43% of the column cross section. This simply means that part of the packing is only partiaily used when such a non-uniforrn initial liquid distribution



occurs in a packed distillation column, because the dry packing cannot take part in the mass transfer process. Baker et al. (1935) also found that in a 0.3 m dimeter column packed with spheres and saddles, at least 3.0 m of the bed height was needed for the



liquid to reach its fully developed state when the liquid was introduced at the center of the colurnn as a point source.



3.5.4 Effect of Gis Flow Rate on Liquid Distribution



The effect of gas flow rate on liquid distribution is shown in Figures 3.14 and 3.15. These figures present data for the uniform liquid distributor at diffefent bed heights and liquid flow rates for the system watedair. The data emphasis the interaction between the gas and liquid phases and the effect of gas flow rate on the liquid wall flow.



Figure 3.14 shows a cornparison of liquid velocity profiles measured at different gas flow rates at the bed height of 0.9 m. The liquid flow rate was kept constant at 2.91



kgim2s. It c m be seen that in the bulk region of the packed bed the liquid velocity profile becomes flatter with the increase of gas flow rate. The net result is that increased gas flow enhances the liquid radial spreading and reduces the liquid maldistribution in the bulk region of the packed bed. This effect of gas flow on the liquid distribution over the bulk bed has also been observeci by Dutkai and Ruckenstein (1970), and Kouri and Soulo ( I 987, 1996).



The e k t of gas flow rate on the liquid wall flow is shown in Figure 3.15. in this figure, the liquid relative wall flow is plotted against gas flow rate at different bed heights of 0.9 m, 1.8 m and 3.0 m. As c m be seen, the effect of gas flow rate on the liquid wall flow is insignificant at the low gas loadings (gas flow rate less than about 2.1 kg/m2s). This is due to the fact that the interaction between the gas phase and liquid phase is very small under these conditions. However, at the higher gas loadings (especially above the loading point), the liquid wall flow inmeases significantly with the gas flow rate. Above



the foading point, the interaction between the gas phase and liquid phase is significant



(caused by the increase of the interface drag force between the gas phase and liquid phase). Due to the more significant increase of the liquid flow resistance in the packing than in the wall region, where the void fiaction is relatively higher and the flow resistance is relatively lower, more liquid is forced to the wall region.



Based on the experimental results, one can conclude that the effect of gas flow rate on liquid distribution is insignificant below the loading point. Above the loading point, the effect is significant, especially for the liquid wall flow. The general trend is that the liquid distribution in the buik region becomes flatter, and the liquid wall flow increases significantly with an increase in the gas flow rate.



3.5.5 Effect of Liquid Flow Rate on Liquid Distribution



The effect of liquid flow rate on the liquid distribution is illustrated in Figures 3.16 and 3.17 for the bed height of 3.0 m and 0.9 m, respectively. The results shown in



these figures were obtained using the uniform liquid distributor. It was found that the



effect of liquid flow rate on liquid distribution in the bulk region is insignificant when the liquid flow rate was varied from 2.91 to 6.66 kg/m2s. The liquid relative wall flow reduced somewhat with the increase of liquid flow rate at low gas loadings. This



observation is in agreement with the findings reported by Porter and Templeman (1968) and Kouri and Sohlo (1 987, 1996). #en



the packing in the column is well wetted, an



increase in Iiquid flow rate will increase the thickness of liquid film on the packing



surface, and the liquid holdup will increase accordingly (Kister, 1992). It is believed that this increase in the liquid film thickness with the increase of liquid flow rate will occur



uniformly within the packing, thus the Iiquid distriaution will not be affected too much in the bulk region. The increase of liquid holdup with the liquid flow rate can be clearly seen



from the following empirical correlation (Kister, 1992)



.-1



where the Iiquid holdup is proportional to the square root of the liquid superficial velocity.



As for the liquid wall flow, because the thickness of the liquid film increases with the increase of the liquid loading, more Iiquid is held within the packings. Thus, the



relative liquid wall flow is reduced accordingly. The effect of liquid flow rate on the liquid wall flow deveiopment can be seen in



Figure 3.13. This figure shows a cornparison of Iiquid relative wall flows for two different liquid flow rates of 2.91 and 6.66 kg/m2s, respectively. It c m be seen that the liquid wall flow reaches its fully developed sbte sooner at the higher liquid flow rates than at the Iower liquid flow rates for the uniform liquid distributor.



3.5.6 Effect of Liquid Surface Tension on Liquid Distribution



To investigate the effect of liquid surface tension on liquid distribution, a low foaming detergent (dishwasher detergent, Electra solM) was selected and added to the water to form a low surface tension solution. This solution had the same density and viscosity as water, but its surface tension was half that of pure water. Its physical properties are given in Table 3.4.



Figures 3.18 to 3.20 show a cornparison of the results obtained with these two systerns: watedair and detergent solution/air. Figure 3.18 presents the data for the single liquid phase flow at a bed height of 0.9 m. Figure 3.19 shows the data for the two-phase flow with a gas loading of 1.57 kg/m2s at a bed height of 1.8 m. Figure 3.20 presents the data for the two-phase flow with a higher gas loading (3.0 kg/m2s) at a bed height of 3.O m. Al1 the results shown in Figures 3.18, 3.19 and 3.20 were taken at a liquid flow rate of



6.66 kg/m2s. The experimental data show that the two velocity profiles are very close for



al1 the cases presented here. The effect ûf liquid surface tension on liquid distribution is m e r demonstrated in Figure 3.21 plotted in tenns of the liquid relative wall flow against the gas flow rate. For al1 the gas flow rates studied, the diffaence between the wall flows obtained for these two different systerns is less than 6%. Based on these studies, it c m be concluded that there is little or no effect of liquid s d a c e tension on liquid distribution in the large scale packed columns. The same conclusion was reached by Bemer and Zuiderweg (1978) based on their measurements for a 0.2 m diameter



column filled with glass Raschig rings (10 mm diameter and larger) in the absence of gas flow. However, Onda et al. (1973) found that the liquid spreading inmeases with the



increase of liquid surface tension. It should be pointed out that their results were obtained in a 0.15 m diameter column packed with 4 mm ceramic Raschig rings. To investigate the reasons why the liquid surface tension shows different effects on the liquid distribution in the small size packings and large size packings, a nurnber of small scale experiments were carried out with a O. 1 m diameter glass çolumn packed uitb 8 mm ceramic Raschig rings. The systems exarnined were: water, detergent solution and



methanoYisopropanol mixture. It was found that liquid tended to foarn easily in the mal1



size packings. The amount of gas bubbles formed inside the Nigs and within the interstices between the rings depended on the liquid surface tension, the lower the liquid surface tension, the greater the number of gas bubbles that were formed. The entrapment of gas bubbles within the liquid would certainly affeçt the liquid distribution. On the other hand, in the large diameter column packed with large size flow-through packings, the void h c t i o n is much higher. This physical situation reduces the tendency for iiquid



foaming, as was cunf'irraed during the test



nins



with the 0.6 m diameter column packed



with 25.4 mm Pal1 rings. Thus the effect of liquid d a c e tension is insignificant in the



large size packing.



Hence it can be concluded that liquid surface tension is a physical property that does not significantly affect the liquid distribution in the large diameter columns packed with large size packings.



3.5.7 Effect of Liquid Viscosity on Liquid Distribution



The effect of liquid viscosity on liquid distribution was studied with the Isoparlair system. The viscosity of Isopar is about two times greater than that of water. Its relevant physical properties are listed in Table 3.4.



The measurements of liquid flow distribution with this system were made at different becl heights, gas and liquid flow rates using the uniform liquid distributor. The results are presented in Figures 3.22 to 3.26. Figures 3.22 and 3.23 illustrate the cornparison of the liquid flow distributions for water and lsopar without gas flow at the



bed heights of 0.9 m and 3.0 m, respectively. Figures 3.24 to 3.26 show the cornparison of the liquid flow distribution and relative wall flow for the watedair system and



Isopadair system at varying gas and liquid flow rates. It can be seen from Figures 3.22 to 3.25 that the relative velocity of Isopar is higher than that of water in the central region of



the bed. However, the liquid wall flow with Isopar is lower than that with water at ail bed heights. The data would suggest that the higher liquid viscosity tends to retard the liquid radial spreading at low gas flow rates. This can be explained as follows. The higher liquid



viscosity means a thicker liquid film on the packing surface, thus more liquid is held within the packing (Strigle, 1987), thereby reducing the liquid wail flow. This effect of



liquid viscosity on liquid holdup can also be seen ûom Equation (3-5). Second, the liquid radial spreading is due in part to the unstable turbulent flow within the packing. Evidently, the turbulent motion of liquid will enhance the liquid spreading. With the increase of the liquid viscosity, the turbulence intensity is reduced compared with that of liquid with lower viscosity at the same flow rate. Subsequedy, the liquid radial spreading is reduced. At higher gas flow rates, however, as s h o w in Figure 3.26, the liquid wall flow with the Isopar/air system is higher than that with the watedair system, because the Isopadair system has a lower column loading point due to the high viscosity of Isopar (see Section 3.5.2). At the same gas flow rate, the Isopadair system is closer to the loading point than the watedair system. In the loading region, as demonstrateci in Section 3.5.4, the liquid wall flow shows a significant increase with the increase of the gas flow rate.



It should be noted that the surface tension and density of Isopar were also different



fiom that of water. However, it has been s h o w in Section 3.5.6 that swface tension does not affect the liquid distribution. At the present tirne, it is not clear what the effect of



liquid density on liquid distribution for the Pal1 rings would be, as there are no published studies available in literature.



3.6 Conclusions Liquid flow distribution in a 0.6 m diameter column randoxniy packed with 25.4



mm stainless steel Pal1 rings has been measured under various conditions. The important factors affecting the liquid distribution have been determind. These factors include the liquid distributor design, the packed bed height, the gas and liquid flow rate, and Iiquid physical properties (surface tension and visçosity). The most significant conclusions are



summarized as follows. 1. The liquid distribution in a randomly packed column is always far from uniform.



Even if the liquid is u n i f o d y introduced into the column, the liquid will tend to move towards the column wall, and fonns a higher wall flow. 2. Distributor design is crucial for the liquid distribution in randornly packed columns.



More bed height is required for the liquid distribution to reach its naturai flow pattern if the liquid is non-uniformly introduced into the column. 3. With the increase of liquid flow rate, the liquid relative wall flow is reduced



sornewhat at low gas loadings. The bed height required for the liquid to reach its fblly developed state is also reduced. 4. in the preloading region, the effect of gas flow rate on liquid distribution is



insignificant. Above the loading point, however, the liquid wall flow increases rapidly with increasing gas flow rate.



5 . The liquid surface tension has little or no effect on liquid distriïution in the large



scale packed colurnns. 6. Liquid viscosity tends to reduce the liquid radial spreading. The higher the liquid viscosity, the lower the liquid wall flow.



The experimental measurements not only offér a deeper understanding of the liquid flow distribution phenornena encountered in randomly packed columns, but aiso



provide necessary data for evaluating models that can be used to sirnulate the liquid flow distribution in randomly packed columns.



3.7 Nomenclature Cross Sectionai Area of Liquid Coilecting Region, m2 Total Surface Area of Packings Per Unit Volume, ni-' Packing factor, m-' Local Liquid Flow Rate, kg s" Gas Flow Rate, kg m" s-[



Packed Bed Height, m Liquid Holdup Liquid Flow Rate, kg m" s"



Nurnber of Packing paRicles per Unit Volume, m-3 Number of Gas Rising Tubes in Each of Liquid Collecting Regions Gas Flow Rate Passing through Each of the Gas Rising Tubes, m3 s"



Liquid Superficial Velocity, m s-' Average Gas Velocity over Each of the Liquid Collecting Region, m s-' Greek Symbol



EP



Void Fraction



CL



Viscosity, kg rn-*B'



P



Liquid Density, kg mJ



Subscripts av



Average



I



Index of Liquid Collectine Region



L



Liquid Phase



loc



Local



rel



Relative
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Table3.1 The Characteristics of Raschig Rings and Pall Rings



-



Packing type



Material



Nominal size



NP



%



mm



l/m3



mZ/m3



EP



Fpd



1lm



Pall ring



Stainless steel



25.4



49,441



207



0.94



174



Raschig ring



Metal



25.4



49,794



203



0.92



492



Table 3.2 Areas of Liquid Collecting Regions



Collecting



Outside



Area



region



radius, m m



1



Relative area



Cumulative



m'



YO



area, %



100.0



0.03 14



1 1.22



1 1.22



II



150.0



0.0393



14.04



25.26



III



200.0



0.0550



19.64



44.90



IV



250.0



0.0707



25.25



70.15



V



293.8



0.0748



26.7 1



96.86



Wall



298.5



0.00875



3.12



100.00



i



Table 3 -3 Arrangement of Gas Rising Tubes and Liquid Drain Tubes



1



Region number



I



Numbers of gas rising tubes



Numbers of liquid drain tubes



Table 3.4 System Physical Properties



Density



Viscosity



Surface tension



kg/m3



Pas



Nlm



Water



1OOO



0.00 1



0.072



Detergent solution



1000



0.001



0.033



Isopar



788



0.00246



0.028



S ystem



Liquid Dism%utor



Global Valve



Hot-Wire Anemometer



i



aaa



Window



Liquid Collecting Device



1 1 U



I



20HP Blower Liquid Storage Tank



Centrifbgal Pump



Figure 3.1. Expenmental set-up for measuring liquid distribution
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Figure 3.2. Design of liquid collector (top view)



Column Center



Figure 3.3. Design of liquid collector (side view)



Column Wall



Figure 3.4. (a) Uniform liquid distributor; (b) Center inlet liquid distributor
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Figure 3 -5. Distributor test with uniform liquid distributor.
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Figure 3.6. Reproducibility test for the uniform Iiquid distributor.
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Figure 3.7. Reproducibility test for the uniform liquid distributor.
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Figure 3.8. Reproducibility test for the uniform liquid distributor.
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Figure 3.9. Reproducibility test for the center inlet distributor.
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Figure 3.10. Effect of redumping on liquid distribution.
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Figure 3.1 1. Pressure drop vs. gas flow rate for watedair and Isopadair systerns, ~ = 478kg/m2s. .
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Figure 3.12. Development of liquid flow pattern along bed height (L=4.78 kg/m2s).
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Figure 3.13. Development of liquid relative wall flow along bed height, L= 2.9 1 kg/m2s; -a-L= 6.66 kg/m2s. 73
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Figure 3.14. Effect of gas flow rate on liquid distribution for the uniform liquid distributor.
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Figure 3.15. Effect of gas flow rate on liquid wall flow for the uniform liquid distributor.
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Figure 3.16. Effect of liquid flow rate on liquid distribution for the uniform liquid distributor.
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Figure 3.17. Effect of liquid flow rate on liquid distribution for the uniform liquid distributor.
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Figure 3.18. Effect of liquid surface tension on liquid distribution for the uniform liquid distributor.
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Figure 3.19. Effect of liquid surface tension on liquid distribution for the uniform liquid distributor.
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Figure 3.20. Effect of liquid surface tension on liquid distribution for the uniform liquid distributor.
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Figure 3.21. Effect of liquid surface tension on liquid wall flow for the uniform liquid distributor.
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Figure 3.22. Effect of liquid viscosi@ on liquid distibution for the uniform liquid distributor.
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Figure 3.23. Effect of liquid viscosity on liquid distribution for the uniform liquid distributor.
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Figure 3.24. Effect of liquid viscosity on liquid distribution for the uniform liquid distributor.



0.10



0.15



0.20



Padial position (m)



Figure 3.25. Effect of liquid viscosity on liquid distribution for the uniform liquid distributor.
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Figure 3.26. Cornparison of liquid relative wall flow for the watedair system and Isopadair system for the unifom liquid distributor.



Cbapter 4 EYDRODYNAMICS SIMULATIONS-MODELS



4.1 Introduction



It is recognized that the application of large diameter packed columns is limited due to the uncertainty in design procedures (Olujic and de Graauw, 1989, Kister, 1992).



Traditionally, both the liquid phase and the gas phase are assumed to be in the plug flow for the design purposes. However, it has been demonstrateci that the liquid flow distribution is far fkom uniform. Although some simple models have been proposeci in the literature to try to predict the liquid fiow distribution in randomly packed columns, they are purely empirical and fail to work well as pointed out in the literature survey. Therefore, theoretical models based on the principles of fluid dynarnics for the modeting of flow distribution are badly needed. It is one of the purposes of this shidy to establish a rigorous approach to model the



flow distribu tion patterns in randomiy packed columns based on the volume-averaged



Navier-Stokes equations (CFD based models). A major advantage of this approach is that the model equations derived fiom the conservation laws will remain valid on any scale,



fiom laboratory to industrial size. Therefore b e y can be used as the basic tools for the more ngorous design and scale up of packed colurnns. CFD based models, however, require the specification of a number of closure models to capture the information lost



dwing the averaging proçess. These closure models should describe (a) the flow resistance offered by the packing elements, (b) the interface drag force of two-phase



flow, (c) the volume fraction dispersion in the packed bed, (d) turbulent flow, and (e) the void Faction variation within the bed. In this chapter, we present the models used to close the volume averaged Navier-



Stokes equations, the boundary conditions and the numerical methodology used to solve these equations.



4.2 Introduction to the Volume Averaging Concept



A packed bed can be considered as a porous media that is partially filled with



solid moterial (packing). Random packings are fixed in position d u ~ operation. g While the liquid phase trickles down the bed by means of gravity, the gas phase passes up



through the bed by means of the pressure drop, thus formïng the countercurrent operation mode. The motion in each phase is governed by the Navier-Stokes equations. However, if we apply the Navier-Stokes equations directly to the p r o u s media flow, we will find that it is almost impossible to specifi the boundary conditions owing to the very complex and dynamic nature of the interfaces. Such problerns can be addressed more effeçtively if some form of averaging procedures are used. Figure 4.1 shows a planar sketch of the Representative Elementary Volume (REV) in porous medium. The concept of REV is very important in porous medium studies and has been used by various researchers such as Whitaker (1966), Slattery (1969), Bear (1 972) and Liu and Masliyah (1996). A REV is defined as a minimum volume within



which measurable variables (velocity, concentration, density, etc.) becorne continuum quantities inside a porous medium. En the sketch shown in Figure 4.1, S stands for a solid



phase, L stands for a liquid phase, and G stands for a gas phase, respectively. The solid phase here represents the packing material. The REV, as shown in Figure 4.1, consists of two parts, the solid part with the volume Vs and the void part with the volume V , . The void hctiûfi or the porosity is defineci as



where V i s the total volume of the REV. For two-phase (liquid and gas) flow, the local liquid phase and gas phase holdups



can be defined as



where VLand Vc are the volumes occupied by the liquid phase and gas phase within the RE V, respectively.



From the above definitions, we can obtain



e, =h,+h,



(4-4)



If we assume that @*stands for the point variable associated with a fluid, then the volume average of this variable can be defined as



where the average is taken over the entire REV. In the volume averaging approach, the volume averaged quantity @ is used to represent the value of this variable within the RE v.



The volume average can aiso be taken over the partial volume of the individual phase itseif as follows



where Va can be VLor VC.



is then referred to as the intrinsic phase average.



,9 and $ are related as @ = h,@m



(4-7)



For example, the liquid superticid velocity can be deterrnined f?om its interstitial velocity as u = hLuk



(4-8)



In the volume averaged approach, the phases are treated as interpenetrating continua, that is, at every point in the porous medium, there is a volume averaged value assigned to al1 the fluid variables for each of the phases. The volume averaged equations describing the volume averaged variables are still expressed in the traditional form containing convection and d i h i o n ternis and some extra terrns to account for the information that is lost in the averaging process.



4.3 The Volume Averaged Equations



The detailed flow field for the two-phase flow through a packed colurnn can be deterrnined by solving the volume averaged fluid dynamic equations given by



Continuity equations



Momentum equations



where y stands for the volume fraction occupied by each phase, p is the fluid density, the effective viscosity including the contribution fiom turbulent stress, U the interstitial



vetocity vector, B the body force (including the gravity and the flow resistance offered by the packing elements), p the pressure, F the interface drag force,



dispersion coefficient, and a the phase index. The volume h c t i o n y is defined as



Thus the volume hction must sum to unity



Y'



+Yc = 1



Comparing Equations (4-2), (4-3), (4- 1 1) and (4- 12), results in hr = E p Y ~ h~ = E p Y ~



r the volume fiaction



4.4 The CIosure Models



Equations (4-9) and (4-10) do not form a closed system, until the quantities like B, F,



and



r are specified through closure models. In this study, they are adopted and



developed fiom existing ernpirical correlations. Many of these empirical correlations have been developed fiom experiments conducted on a macroscopic (or equipment) scale - i.e. based only on observations of input/output quantities. Use of these correlations in a



local sense is a h tu the use of Dar~y'stheory on a microscale, which is based initially on macroscopic observations of flow rates vs. pressure drop data for packed beds. There is clearly roorn for M e r refinement of these closure models, as more refined experimental data on flow and concentration distributions become available. The clear advantage of the CFD models is in their naturai ability to track inhomogenieties within the column, provided the closure models remain valid at the pore scale and the



inhornogenieties are caused by the packed bed structure or by poor distributor designs.



4.4.1 Interface Drag Force F



The interface drag force between the gas and liquid phases is modeled by



FL = -FG where CG,or C ,



(4-18)



is the interface drag coefficient. In the mode1 equations, CG,or Cm



is prescribed in a way that incorporates experimentally measured correlations for pressure drops in countercurrent two-phase flow througli packed columns.



niere are several correlations available in the literature that predict pressure drop



for two-phase flow through a randornly packed column, such as the Leva correlation (Leva, 1954; 1992) and the Robbins correlation (Robbins, 1991). The Leva comelation States that the total pressure drop is proportional to the square of the gas velocity



This is applicable in the low range of gas loading. However when the liquid load is high, the interaction between the two phases will be substantial. Robbins (1991)modified the Leva equation and proposed the following correlation to predict the pressure drop across the packed colurnn



1 o'~. Gyand Lf are the gas and liquid loading factors where c,=~.oo~x 1 , and Cf 1.99~ and can be calculated as



0.5



for P Itatm



65.62



1 G[z]"*5[ 0.5



65.62



1 0 0 . 0 ~ 8 7 ~ for ~



P > larm



for FM > 15 r



for F,, < 15



Equation (4-20) can be considered to con& of two parts. The first part, C,G; 1oCzLf , allows for the estimation of pressure drop through the packings in the preloading region, rhile the second part, 0.77{&



(c,C: 1



y, takes into account the ïncrease of



the pressure drop due to the stronger interaction between gas and liquid phases in the



loading regirne. The presence of liquid in the packings will reduce the fiee flow space of the gas phase, thus ieading to a higher pressure drop. The parameter Fpd,ais0 called the



packing factor, represents the effect of packing size and shape on the pressure drop and has been documenteci for almost ail the commonly used random packings. For instance,



Fd equals 174 me' for 25.4 mm metal Pal1 rings, and 79 m-l for 50.8 mm metai Pal1 rings (Kister, 1992). The larger the packing factor, the higher the pressure &op. If we consider that the total pressure &op can be expressed as



and



The wet pressure drop across the packed column represents the energy loss due to the



interaction between gas phase and liquid phase. From this pressure &op, one can determine the interface drag coefficient as fotlows



where



Iu,



- U, 1 is the slip velocity, defined as



for three-dimensional flow. U,V and W are the three velocity components. In cylindrical coordinates, as shown in Figure 4.2, U is the axial velocity component in the z-direction, V is the radial velocity component in the r-direction, and W is circumferential velocity



cornponent in the 84irection. For the twodimensional flow, W=O,the slip velocity reduces to



G and L in the above equations are the superficial gas and liquid flow rates, respectively. They are related to the gas and liquid interstitial velocities as G =&PPGY,IUGI =&p~Ly,luLI



IuI



is the absolute magnitude of the interstitial velocity, and defined as



for three-dimensionai flow. For two-dimensional flow, W 4 ,and Equation (4-3 1) can be simplified.



4.4.2 Body Force B



In addition to the gravitational body force, the increased resistance to flow due to the presence of the packing particles is also treated as a body force and can be modeled as



follows



Ba = p a g + R , -Ua



(4-32)



where g is the acceleration vector due to gravity, and R is the resistance tensor, representing the flow resistance o f f d by the porous medium to the liquid and gas phase (that is, the liquid-solid and gas-solid interactions). From Darcy's theory



U a = -R,-'



Vp



(4-33)



where Ra-'is the inverse tensor of Ra and is related to the permeability of the porous medium. V p is the gradient of pressure. Hence it is possible to estirnate R, from the measured pressure drop data.



For the gas phase, the flow resistance offered by the solid packing elements can be modeled utilizing the dry pressure drop part of the Robbins equation. Rewriting Equation (4-24) in tensor form with the aid of the Equation (4-29) and substituting the resulting expression into the Equation (4-33) leads to for p Ilahn



for p > l atm where 1 is the second order unit tensor.



For the liquid phase, the well-known Ergun equation can be used to mode1 the flow resistance t e m (Ergun, 1952). The Ergun equation accounts for viscous and inertial resistance losses and relates them to the dynarnic variable and the structure of the packed bed, as characterized by the bed mean void fiaction and the equivalent diarneter of the packing particles. For the maldistributed flows, it is necessary to write the Ergun equation in the vector form. This form has been used by various researchers to study the flow distribution in the packed bed (Stanek and Szekely, 1972, 1974; Parsons and Porter, 1992). r a d ~ + O+, f,~u~)u=o



(4-35)



where



Here the term fiU represents the viscous resistance and the term fifUIU represents the



inertial resistance. The equivalent diameter, 4,of the packing element is defined as



where a, is the total surface area of a packing element per unit volume. The flow resistance RLcan then be calculated as



R, = f i +



f , p L p



4.43 Dispersion Coefficient î



Liquid spreading apart f?om a vertical flow in packed columns is due in part to spatial variation in flow resistance. This irnplies that if a certain flow channel formed within a packed bed offers less resistance to flow than other channels of equal cross



sectional area, liquid will tend to move towards this channel, where the flow resistance is lower, thus causing a higher liquid holdup (or volume fiaction) in this channel. Spatial variation of the flow resistance is generated mainly fiom two sources: the spatial variation of void fkaction, and the non-unifom liquid distribution. The main cause of void fraction variation in a randomly packed coIurnn is the wall effect. in the wall region, the void h c t i o n is generally higher than that in the bulk region. The non-uniform liquid distribution can be formed, even in a homogeneous bed, if the fluid passing through the systern is introduced in a form of a non-uni forni initial distribution such as shortage of liquid near the column wall, discontinuties or zona1 flow, causeci by malperformance of a liquid distributor. in this study, the dispersion coefficient for volume fraction is assumed to be



linearly proportional to the negative gradient of the resistance dong the direction of liquid main flow (i.e., the axial direction o f the packed column). Mathematically, this relation can be expressed as



r



= -K,VR_



(4-40)



where K, is a proportionality constant and can be determined by fitting experllaental data. The liquid flow resistance offered by the packing elements dong the direction of



main flow is given by Equation (4-35). This equation relates the pressure drop to two



terrns, the viscous resistance and inertiai resistance. Nonnally the inertial wmponent



provides the major resistance to flow in the packed columns under the normal operating



conditions. Thus, taking the inertial term of the Ergun equation as R, and differentiating it, results in



The first term on the right side of Equation ( 4 4 1 ) represents the effect of the bed



structure ( Le., the spatial void hction variation ) on liquid spreading, and the second tenn implies the fact that even for homogeneous packed beds the liquid spreading can occur if the liquid distribution is non-uniform. Another important cause for the liquid spreading is the unstable turbulent flow encountered under the normal operating conditions in packed columns. The momentum exchange between the fluid elements in turbulent flow can be expected to be much greater than that in laminar flow. In order to account for this effect, an additional term,



r, , is



introduced to the nght side of Equation (4-4 1). T; represents the turbulent



dispersion coefficient and can be calculated based on the eddy viscosity hypothesis as



where p, is the turbulent viscosity of the liquid phase and



O,



if the turbulent Prandtl



number (AEA Technology pic, 1997).



The spreading of gas is a much faster process than that of liquid. This has been substantiated experimentally by Kouri and Sohlo (1987, 1996), Stikkelrnan and Wesselingh (1 987), Stikkelman et al. (1989), Stoter et al. (1992), and Suess (1992). One



may conclude based on these experimental results that under normal operating conditions (Le., in the preloading region), the gas flow pattern and its spreading mainly depend upon



the liquid flow behavior. On the other hand, compared with the liquid phase, the



turbulence intensity is much higher in the gas phase due to its lower viscosity. Thus one may assume that the spreading of gas phase is dominateci by the turbulent dispersion. The turbulent dispersion coefficient of gas phase is defined in the same manner as Equation (4-42), except p, represents the gas twbuient viscosity.



4.4.4 Void Fraction Variation in Radial Direction



Due to the presence of the column wall, the void fraction in the near wall region is greater than that in the buik region, thus leading to a non-uniform distribution in the



radial direction. Void fiaction radial variation is one of the most important characteristics of randornly packed columns because this renders the non-uniform flow resistance on fluids passing through the columns. The literature a b u n d s with studies on the void



fiaction distribution for spheres, cylindrical particles, and Berl saddles (Roblee et ai., 1958; Benenati and Brosilow, 1962; Beavers et al., 1973; Dixon, et al., 1984; Govindaro and Froment, 1986; Dixon, 1988;



Ku*



and Hobann, 1990; Foumeny and Roshani,



199 1 ;Zou and Yu, 1996). The experimental data generally show that the most significant



variation in the void fraction occurs in the region near the column wdl. Especidly for the packings of highly irregular shapes such as Berl saddles the void fiaction ïncreases regularly fiom the mean void fraction at about 1 particle diarneter fiom the wall to unity at the wall (Roblee et al., 1958).



For modern, cornrnercially important packings such as Pall rings, Hiflow ~ g s and intalox saddles, the studies on the radial void fraction distribution seern to be very limited. A recent experimental study by Toye et al. (1998) using a 0.6 m diameter column packed with 44 mm Cascade Mini-Ring LA packing reportai a radiai void fkction profile quite similar to that of Berl saddles (Roblee et ai., 1958). Note, modern packings nonnally have a very complex structure and irregular shape. These structural characteristics are especially signifiant, because they contribute to the collection of liquid in the wall region and lead to the so-called large scale Iiquid maldistribution. For modeling the void fkaction variation in the radial direction for packed beds of spheres, Vortmeyer and Schuster ( 1983) used an exponentially decaying fùnction. The similar form was used in this study to represent the void Faction variation for packed beds of



Pall rings



where R is the radius of the packed column, d, is the nominal diameter of packhg



particles md



is the bulk void fraction. For 25.4 mm stainless steel Pall rings, +=0.94



(Kister, 1992). The radial void fraction profile for the 25.4 mm stainless steel Pall Nigs predicted by Equation (4-43) is shown in Figure 4.3. From this figure, it can be seen that the void



fraction variation is mainiy confined to within one packing elernent diameter fiom the wall and in the bulk region the void fraction is almost constant. This is in agreement with the experimental fïndings of Roblee et al. ( 1958) and Toye et al. (1998).



4.4.5 Turbulence Mode1



Modem random packings have some cornmon features, such as complex geomeûic structure, large specific area and hi& void fiaction (generally, larger than 0.9). These characteristics not only ensure a large gas-liquid contact area but also intensify the two phase mixing due to the continually changed flow direction and interruption of the



fluids over the packing surface. For the flow through a packed column, the Reynolds nurnber can be calculated as (Billet, 1995) Re, =-



L



~,PL



Based on nurnerous experimental measurements on some 50 different types of packings, Billet (1995) found that the critical Reynolds nurnber for the flow region transition from laminar to turbulent is about 10. in this study, the Reynolds numbers for most of cases were nonnally much greater than that value, i.e. the flows were in the turbulent region. Since the high capacity operation is the main objective in the design and operation of packed columns, the condition of Re,., < 10 is rarely encountered in practice. Turbulent flows are extrernely complex, time dependent flows. The traditional method to mode1 turbulent flow is to separate the flow variables into their mean and fluctuating parts. The mean value can be calculateû fiom the rime-averaged Navier-



Stokes equations. These tirne-average- equations have the sarne fonn as the governing equations for laminar flow, but with some extra tenns, which are solely h c t i o n s of the



fluctuating quantities, such as the so-called Reynolds stresses or Reynolds flux. Hence, turbulence models provide a means for w m p u ~ Reynolds g stresses or Reynolds flux.



There are mainly two types of turbulence models: eddy viscosity models (such as k- E model ) and second order closure models (such as differential stress rnodel (DSM) and algebraic stress mode1 (ASM)) (AEA Technology plc, 1997). While eddy viscosity models model the Reynolds stresses or Reynolds flux algebraically in terms of known



mean quantities, the second order closure models solve differential transport equations for the turbulent flux. Among these rnodels, the k-E mode1 is generally believed to be the simplest model to give usehl predictions of the general turbulent flows (Haniill, 1996).



For most e n g i n e e ~ gproblems, the k-E model has been used with significant success (Patankar, 198 1;Taulbee, 1989). The k-E model uses an eddy viscosity hypothesis for the turbulence. in this model, the effective viscosity is d e h e d as (4-46)



pea = Pa + p ~ a



where p is the molecular viscosity.



is the turbulent viscosity and can be calculated as



where C, is an anpirical constant, k is the turbulence kinetic energy and



&



is the



turbulence dissipation rate.



The transport equations for the turbulence kinetic energy k and turbulence dissipation rate E have the same form as the generic advection-difiùsion equation and can be solved d o n g with the momentun equations. The effective viscosity required in the mornentum equations can then be determined fiom Equations (4-46) and (4-47).



The modeling of turbulent features in muitiphase flow is not as well developed. The applicability of the k-E mode1 for incompressible turbulent flow in porous media has



been examined by Antohe and Lage (1997). For high void fiaction packings, such as those found in packed columns, the study was inconclusive.



4.5 Boundary Conditions The flow computational domain is isolated from its surroundings through the definition of the boundaries. The boundary conditions are idonnation specified on boundary surface. There are several difiment boundaries such as flow boundary, wall



boundary, and symrnetry boundary that must be considered. The flow boundary is such a boundary that it is used to define the conditions at the entrance a d o r exit of the flow domain. At the inlet of the flow domain, the flow boundary is known as the inlet boundary, and at the outlet (exit) of the flow domain, mass flow boundary can be used. For countercurrent multi-phase flow, it is possible to have flows that enter and leave the



same flow boundary simultaneously. Therefore special treatment is required at these boundaries.



4.5.1 Inlet Boundary Condition An inlet boundary is mathernatically referred to as Dirichlet boundary. The reason



to choose this boundary in this study is because it is easy to d e h e different liquid idet



profiles. At this bon-



ail the variables (such as velocity, volume fiaction, m a s



fraction, etc.) must be specified. However, for incompressible flow, the specified inlet



pressure value will not be used, its value will be extrapolateci fkom downstream. At the



inlet boundary, both idet flow and outlet flow can be defined. For the inlet flow, a positive value should be specified for the velocity, and for the outlet flow, a negative vaiue should be assigneci to the velocity component perpendicular to the inlet. This way the outlet flow is defineci to have a direction that is pointhg away fiom the computational



domain. For turbulent flow, the inlet boundary conditions also need to be specified for the turbulence quantities. When using the two-equation k-Emodel, the iniet values for k and E



cm be calculated based on the mean flow characteristics (AEA Technology plc, 1997). 'in/



= cplu;/



where c,, and cpz are empirical constants and was set to cpi=0.002and c f l . 3 .



(448)



ujfil is



the



mean inlet velocity. DHis the hydraulic diameter, given by



where A/ is the cross sectional area available for flow and P, is the wetted perimeter of the flow domain, respectively. For the flow through p r o u s media, the hydraulic diameter can be related to void &action E~ and wetted surface area ap per unit volume of the bed as



(Bird et ai., 1960)



The detaîleci specifications of inlet boundary conditions used in the shulations are given in Section 4.5.3.



4.5.2 Mass Flow Bouadary



Mass flow boundaries are used to specifL the inflow and outflow boudaries where the total mass flow rate into or out of the domain is known, but the detailed



velocity profile is not. At mass flow boundary Neumann boundary conditions are imposed on d l transportai variables, that is, the variable gradient. are specified, rather than their values. It is assumed that at the mass flow boundary, the flow is fùlly developed. If the flow goes into the flow domain at the mass flow bounciary instead of going out, it is necessary to speciQ Dirichlet boundary conditions to certain variables such as m a s eactions, while other variables are still specified using Neumann conditions. Section 4.5.3 gives examples that show how to d e h e the mass flow boundary conditions.



4.5.3 Examples of B o u n d a ~Condition Specifications



In packed column operation, the liquid is introduced at the top of the column via a liquid distributor while the gas is fed into the w l u r m at the bottom. Hence the inlet conditions for both the liquid and gas are usually h o w n from the process operathg conditions. Figure 4.4 shows the sketch of the computational domain and identifies the



boundaries used in the simulations. To predict the flow fields of liquid phase and gas phase within the flow domain, four different boundary conditions are specified, that is, at the top, bottom, wall and the axis of the packed bed. For a typical simulation with the



liquid 80w rate L and gas flow rate G, the boundary conditions are specified as follows:



(1) At the top of the column, the 'inlet' boundary is specified. At this boundary the



appropriate values for velocity components, volume fkactions, turbulence quantities, etc. must be specified for both the liquid phase and gas phase. For the liquid phase, the flow enters the flow domain, and the velocity components are specified as follows:



w, =



L P LY LE,



; V,=O; W L ~For . the gas phase, the flow leaves the flow domain, the z-



cornponent of velocity must be assign a negative value, that is* U , = -



G



PGY GE^



; k==;



WcO. The idet volume h c t i o n of liquid is difficult to specie since there is no measured value available. However, it can be estimated fiom the liquid holdup based on the liquid flow rate as follows (Kister, 1992)



~ the liquid superficial velocity. where t c is



The volume fiaction of gas phase can then be determined as



YG



=l-YL



(4-54)



The values of turbulence kinetic energy k and turbulence dissipation rate E can be calculated fiom Equations (4-48) and (4-49).



(2) At the bottom of the column, the mass flow boundary is used to specifjr the total mass



flow rates of both the liquid and gas phases. For the liquid phase, the positive value is



assigneci to indicate that it leaves the flow domain, that is, rnL=LxA. For the gas phase, the negative value is used to indicate that it enters the flow domain, that is, m G = - G u .



The Neumann boundary conditions are used for al1 other variables in both the liquid phase and the gas phase.



(3) At the column wall, the 'non-slip' boundary condition is specified to the velocities of



both the liquid phase and the gas phase. For other variables, such as volume fractions, and mass hctions, no flux conditions are specified. Turbulence kinetic energy and



turbulence dissipation rate are calculated using the logarithmic wall functions.



(4) At the column axis al1 variables are mathematically symmetric and no difision



occurs across this boundary for two-dimensional simulation. Therefore, an axisymmetry boundary condition is imposed on al1 variables at the column axis (d).



4.6 Numerical Methodology



First the computational domain of interest is divided into a nurnber of control



volumes, also called computational cells. For two-phase flow through the cylindrical packed columns, the most significant variations in the flow field are expected to appear in the top region, bottom region and wall region of the packed column. In these regions,



sufficiently fine grids should be utilized to give an accurate prediction. In this study a geometric progression (G.P.) was used to generate a grid structure in the radial direction with the smallest ce11 size of about 1/8 of a packing diameter being adjacent to the



column wall. In the axial direction a symmetric geometric progression (SYM G.P.) was



used to generate a grid structure in which the srnailest ce11 size was about 1/2 a packing diameter in the top and the bottom of the packed column. Since the liquid is ofien introduced into the column with radial symrnetry, it can be assumed that the flow in the column is two-dimensional. To test the validity of this assumption, some three-dimensional simulations have also been canied out. For twodimensional simulations, there is only one grid ce11 needed in the circumferential direction. The computational grid used with a resolution of 80 (axid)x25 (radial) is shown in Figure 4.5. The result for the grid independent study is shown in Figure 4.6.



The governing equations are solved numerically by means of a finite volume method, ushg the CFD package CFX 4.2. The variables needed to be calculated were the velocity components (U, V, GY), pressure (p), turbulence kinetic energy (k), turbulence energy dissipation rate (E) (if it is turbulent flow), volume fractions (y',YG) (if if is multiphase flow), and mass fiactions (if it is multi-component flow). The governing equations relating these variables are of the following general form (AEA Technology plc, 1997) Convection - Dt%tcUsion= Sources - Sinks



(4-55)



Each equation is integrated over each control volume (computational cell) to obtain a linearised discrete equation that connects the variable at the center of the control volume with its neighbors. Each linearised equation can thus be regarded as belonging to a particular variable and to a particular control volume.



The convection tenns in the goveming equations are discretised using a hybnd differencing method and al1 other terms are discretised using second-order central differencing scheme. Hybrid differencing is a modification of the upwind differencing. In this scheme, the centrai differencing is used if the rnesh Peclet nurnber is less that 2, and



upwind differencing is used if the mesh Peclet number is greater than 2, but ignoring diffusion. The name hybrid is indicative of a combination of the upwind scheme and central difference scheme. The hybrid scheme is still k t - o r d e r accurate, but is slightly



better than the upwind scheme. The well-known SIMPLEC algorithm (Van Doormal and Raithby, 1984) is employed to solve the pressure-velocity coupling in the momentum equations.



4.7 Summaw



The mode1 for describing the liquid volume fraction dispersion coefficient was



developed based on the non-uniform distribution of liquid flow raistance. The closure models for modeling the hydrodynamics in randomly packed çolumns, the boundary conditions and the numerical methodology used in the simulation were presented and discussed.



4.8 Nomenclature



Cross Sectional Area of Column, m' Cross Sectional Area Availabie for Flow, m2 Total Surface Area of Packings Per Unit Volume, m-'



Body Force, N m" inter-Phase Drag Coefficient Constants in Rabbins's Correlation Constants in R o b b h ' s Correlation Parameter in Equation (4-48) Parameter in Equation (449) Parameter in Equation (447)



Hydraulic Diameter, m Equivalent Diameter of Packing,m Nominal Diameter of Packing, m



Interface Drag Force, N rn-> Defmed in Equation (4-36) Defined in Equation (4-37) Packing Factor, rn-' Gas Superficial Flow Rate per Unit Cross sectional Area, kg m-l s-' Gas Loading Factor, kg m-'s-' Gravitational Vector, m s-' Hoidup Second O d e r Unit Tensor



Turbulence Kinetic Energy, m2sm2 Parameter in Equation (4-40), m2 s Liquid S u p d c i a l Flow Rate per Unit Cross sectional Area, kg m-' s-'



Liquid Loading Factor, kg m" s" Flow Rate. kg s-' Pressure, Pa Wetted Perimeter of the Flow Domain, m Pressure &op, Pa m" Resistance Tensor, kg m" s" Radius of the Column, m



Axial Resistance Component, N m" Reynolds Number Critical Reynolds Nurnber Radial Coordinate. m Tirne, s Interstitial Velocity Vector, m s-' Interstitiai Axial Velocity, m s" Liquid Superficial Velocity, m s" Liquid htriwic Phase Averaged Velocity, m s-l Interstitial Radial Velocity, m s-', or Volume, m3 interstitial Angular Velocity, m s-' Packed Bed Height, m



Greek Syrnbols



aI



Parameter in Equation (4- 19) Parameter in Equation (4- 19)



E



Turbulence Dissipation Rate, mZs"



%



Void Fraction or Porosity



Volume Fraction Viscosity, kg m-' s'l Effective Viscosity, kg m-'s" Density, kg m" Dispersion Coefficient for Volume Fraction, kg m-'s-' Ratio of Water density to Liquid Density Volume Averaged Variable Point Variable htrinsic Phase Averaged Variable Turbulent Prandtl Number Angular Coordinate



Void Space



Bulk Region o f Packed Bed Gas Phase



Inlet Liquid Phase



Local Solid Phase Turbulent Flow Outlet



Phase Index
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Figure 4.1. A planar sketch of Representative Elementary Volume, S-solid phase; L-liquid phase; G-gas phase; V-volume of REV



Figure 4.2. A cylindrical coordinate system
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Figure 4.3. Void fiaction radial variation for 25.4 mm metal Pal1 rings as predicted by Equation (4-43).
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Figure 4.4. Boundary conditions
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Figure 4.5. A computational grid in z-plane
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Figure 4.6. Grid independent study



Chapter 5 EWDRODYNAMICS SIMULATIONSWRIFICATIONS AND PREDICTIONS



5.1 Introduction



This chapter presents the simulation results based on the rnodels proposed in Chapter 4. These simulation resuits will first be mmpared with the experimental data, and then the predicted liquid flow distribution will be shown and discussed.



5.2 Simulation Systems and Conditions To evaluate the models developed in Chapter 4, the simulation results were compareci with the experimental data presented in Chapter 3. Both of the liquid



distributors used in the experiment were simulated i n order to test the ability of the models to capture the liquid spreading characteristics in randomly packed columns. Also, the simulations were carried out with three different systems, namely, watedair,



Isoparlair, and cyclohexane/n-heptane (CdC,). The simulation conditions used for waterlair and Isopadair systems are summarized in Table 5.1. The simulation conditions used for CdC7 can be found in Chapter 6.



5 3 Simulation Results and Discussion 53.1 Comparison of Simulation with Expriment



Figures 5.1 to 5.3 show a cornparison of predicted liquid velocity profiles with the experirnental data (obtained with the uniforni liquid distributor) for three different packed



bed heights: 0.9 m, 1.8 m, and 3.0 m. The simulation results were generated fiom the two-dimensional, axi-symmetric simulations. The system simulated was water/air. In the simulation a uniform idet distribution ( d e t velocity profile) was assumed for both the liquid phase and gas phase. in these figures, the liquid relative velocity as defined in Chapter 3 is plotted against the radial position. It can be seen that the predicted velocity profiles match the experimentai data quite weil for al1 three bed heights. These simulation results were obtained using &=2.9x 10" and 0,=0.01. These two parameters were introduced in the modeling of the dispersion coefficient for volume fiaction (see Equahons (4-4 1) and (4-42)). These values of %=2.9x 1O" and q=O.O 1 were deterrnined



by minimizing the deviations between the predicted and rneasured liquid velocity profiles at different bed heights. The magnitudes of Kc and a, affect the liquid spreading rate. If



Kc is too large and a, is too small, the predicted liquid wall wili be greater than the rneasured wall flow. On the contrary, if Kc is too small and a, is too large, the predicted liquid wall will be smaller than the rneasured wall flow. As demonstrated in Chapter 3, the design of liquid distributor is very important for the liquid distribution in packed columns. in the simulation, different liquid



distributor designs can be simulated by specifjmg different liquid inlet distributions at the inlet boundary of the flow domain. For the center iniet liquid distributor used in the experiments, the liquid inlet distribution can be specified as follows: for the center idet region, which occupied 43% of the column cross section, the Iiquid inlet velocity and volume fraction was calculated f+omthe known liquid flow rate; for the remainder of the column cross section, a zero value was assigned to the liquid inlet velocity to ensure that there would be no liquid entering the fiow domain through this region.



Figures 5.4 to 5.6 present the simulation results based on the liquid inlet distribution as descxibed above for three different packed bed heights. The experimental data obtained with the center inlet liquid distributor are also given for cornparison. Again



it can be seen that there is a good agreement between the predictions and experimental measurements for al1 three bed heights. It should be pointed out that these simulation results were obtained with the same values of K, and a, used for the case of uniform liquid distributor. This would indicate that these values of K, and q do give a reasonable account of the liquid spreading when used with the constitutive rnodels proposed in Chapter 4. Figure 5.7 shows comparisons of the fully developed liquid distributions for the two gas flow rates at the packed bed height of 3 m. The experimental data shown in the



figure are based on the watedair system with the uniforni liquid distributor. The prediction shows that the liquid flow profiles are almost identicai for the two lower gas



flow rates of G=0.47 kg/m2s and G=l. 13 kg/m2s, indicating a weak dependence of the liquid flow distribution on the gas load in the lower range of gas flow rates. This is consistent with the published experimental data that state neither liquid holdup nor the liquid distribution is significantly influenced by the gas flow below the loading point (Dutkai and Rukenstein, 1970; Hoek et al., 1986; Olujic, Z. and de Graauw J., 1989; Kister, 1992; and Kouri and Sohlo, 1987, 1996).



The validity of the theoretical models is M e r evaluated through comparing the predicted and measured pressure drops at different gas and liquid loadings. The comparisons are illustrated in Figure 5.8 for two different systems: watedair and Isopadair. in this figure, the pressure drop data are plotted as a fùnction of the F-factor,



which is defined as u, /, p, , where u, is the superficial velocity of gas over the column cross section. The agreement be~iveenthe theoretical prediction and experimental data is excellent for the water/air system. The relative1y larger discrepancy for the Isopadair systern at the higher gas loading is mainly due to the fact that this system has a high viscosity and hence has a lower loading point. The models tend to under-predict the pressure drop for the Isopadair system at higher gas loads, but the difference is within 12%. In general our models can give a reasonably good prediction of pressure drops.



It can be concluded Erom these simulation results that the theoretical models deveIoped in this study can capture most of the important flow characteristics related to the large-scale liquid maldistribution in randomly packeù columns.



5.3.2 Liquid Flow Distribution Development



Afier the liquid is introduced to the top of the packed colwna, unifonnly or nonuniforrnly, it will redistribute as it flows downwards through the column due to the presence of packing. It is of great interest to see how the liquid flow distribution develops dong the packed bed height, thus gaining some insight into the mechanism that determines the liquid flow distribution. This can be s h o w best by exarnining the case where the liquid was fed into the column only through the central region of the column cross section. Figure 5.9 shows this situation by plotting the predicted liquid flow distribution at different packed bed heights with the 43% liquid inlet distribution. In this figure, u is the liquid local superficial velocity and u,, is the liquid average superficial velocity over the column cross section. Thus du,, is still the liquid relative velocity. The abscissa r stands for the radial position. From this figure, it can be clearly seen that the



developrnent of large-scale liquid flow behavior, i-e., the spreading of liquid towards the non-irrigated zone as well as the build up of liquid on the column wall. At the packed bed height of O m (the top of the packing), there is no liquid inîroduced into the peripheral zone (0.1 96 









Suggest Documents










University of Alberta





Read more





 




University of Alberta





Read more





 




University of Alberta





Read more





 




University of Alberta





Read more





 




University of Alberta





Read more





 




University of Alberta





Read more





 




Dip Kapoor University of Alberta





Read more





 




UNIVERSITY OF ALBERTA ARCHIVES HOLDINGS





Read more





 




University of Alberta Alumni Association





Read more





 




University of Alberta Capital Projects Planning Process





Read more





 




Praktikumsbericht University of Alberta International, Edmonton, Kanada





Read more





 




Tami Amanda Jacoby, University of Alberta





Read more





 




Main Author. Barb Maheu University of Alberta





Read more





 




University of Alberta. Jeanine Marie Rhemtulla





Read more





 




Proceedings of the 2007 Banff Pork Seminar. Alberta Pork Alberta Agriculture, Food and Rural Development University of Alberta





Read more





 




Department of Biological Sciences, University of Alberta, Edmonton, Alberta, Canada T6G 2E9





Read more





 




A.Mus., University of Alberta, 1991 B.A., University of Lethbridge, 1992 B.Ed., University of Lethbridge, 1994





Read more





 




Editorial. Marcello Tonelli (1), Miguel Riella (2) (1) University of Alberta, Alberta, Canada, (2) Catholic University of Parana, Curitiba, Brazil





Read more





 




UNIVERSITY OF ALBERTA, Edmonton, Canada 1992 BACHELOR OF LAWS (LLB)





Read more





 




Beyza Ural Marchand UNIVERSITY OF ALBERTA. Department of Economics





Read more





 




University of Alberta. Chemical Safety Plan. Department: Research Group Supervisor:





Read more





 




Pierre Boulanger, PhD, P.Eng. Professor. University of Alberta





Read more





 




University of Alberta Design and Construction Standards and Guidelines





Read more





 




University of Alberta Business Students Association Executive Elections





Read more





 












×
Report "University of Alberta"





Your name




Email




Reason
-Select Reason-
Pornographic
Defamatory
Illegal/Unlawful
Spam
Other Terms Of Service Violation
File a copyright complaint





Description















Close
Save changes












Copyright © 2024 KIPDF.COM. All rights reserved.

About Us |
Privacy Policy |
Terms of Service |
Help |
Copyright |
Contact Us










×
Sign In






Email




Password







 Remember me

Forgot password?




Sign In




 Login with Google
 Login with Facebook














